INVESTIGATING MICROCHANNEL REACTORS FOR FISCHER-TROPSCH
SYNTHESIS

by
Fabiana Arias Pinto

BS Chemical Engineering, Universidad Simon Bolivar, 2013

Submitted to the Graduate Faculty of
Swanson School of Engineering in partial fulfillment
of the requirements for the degree of

Master of Science in Petroleum Engineering

University of Pittsburgh

2016



UNIVERSITY OF PITTSBURGH

SWANSON SCHOOL OF ENGINEERING

This thesis was presented

by

Fabiana Arias Pinto

It was defended on
August 2, 2016

and approved by

George E. Klinzing, Ph.D., Professor, Department of Chemical and Petroleum Engineering
Robert M. Enick, Ph.D., Professor, Department of Chemical and Petroleum Engineering
Thesis Advisor: Badie I. Morsi, Ph.D., Professor, Department of Chemical and Petroleum

Engineering



Copyright © by Fabiana Arias Pinto

2016



INVESTIGATING MICROCHANNEL REACTORS FOR FISCHER-TROPSCH
SYNTHESIS
Fabiana Arias Pinto, M.S

University of Pittsburgh, 2016

Microchannel reactors (MCRs) exemplify significant miniaturization of the physical dimensions
and process intensification when compared with conventional industrial reactors, allowing for
linear scaleup, flexible manipulations, and substantial capital cost reductions. MCRs have
promising applications in Gas-to-Liquid (GTL) technologies, such as the Fischer-Tropsch (F-T)
synthesis, particularly for monetizing small onshore and offshore gas fields, which is economically
unfeasible with other conventional industrial F-T technologies. Even though MCRs were proposed
for commercial implementations and demonstration plans have already been built, adequate
literature publications on the use of MCRs in F-T synthesis is scanty and to the best of our
knowledge many details concerning the hydrodynamics, mass transfer, heat transfer, and reactor
performance are not available.

The overall objective of this study is to investigate the performance and the flow
distribution of a MCR, using one-dimensional (1-D) and Computational Fluid Dynamics (CFD)
models. A MCR consisting of 50 channels, each packed with 100-micron cobalt catalyst, operating
under the low temperature F-T synthesis (500 K and 25 bar) was used to study the reactor

performance. The inlet flow distribution was investigated using another CFD model with air at



298 K and 1.01325 bar. A 50-channel MCR was used in this investigation. The modeling results

led to the following conclusions:

1. The 1-D model systematically predicted steeper hydrocarbon flow rate profiles when compared
with those of the CFD model, however, both models converge to the same values at the channel
outlet.

2. For one channel of the MCR, both the 1-D and CFD models indicated that increasing the
H2/CO ratio in the feed increased CO conversion, Cs* yield, pressure drop, F-T reaction rate,
and the heat transfer requirements. Increasing the inlet syngas velocity decreased CO
conversion and increased the pressure drop. Also, increasing temperature, increased the F-T
reaction rate, CO conversion and the Cs* yield, and decreased the pressure drop. Furthermore,
under the conditions investigated, the F-T process in the MCR used was kinetically-controlled.

3. The CFD model used to investigate the flow distribution in the MCR showed that using a flow
distributor resulted in a homogenous flow distribution and eliminated the strong gas

recirculation.
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NOMENCLATURE

a Interfacial area, m

A Channel cross-sectional area, m?

As Heat transfer area, m

PF Average packing fraction, -

C2 Pressure drops inertial coefficient, Pa s kg

Cd Drag coefficient, -

Ci Molar concentration of the species “i”, kmol m
Cp Specific heat, J kg K

d Diameter, m

Dy Diffusion coefficient, m s2

Err Activation energy J mol™

f Drag function, -

Fi Molar flow of the species “i”, mol s** or mmol s*
Fr Total molar flow of the species, mol s or mmol s
g gravity, m s

hrg Enthalpy of vaporization, kJ kg™

AH Enthalpy change, J mol™* or kJ mol*

k mass transfer coefficient, m s’

Xiv



ket Fischer Tropsch reaction rate coefficient kmol kgear'sPa

kwas Water gas shift reaction rate coefficient mol geartbar?
K Permeability, m?

Kpq Interphase momentum exchange coefficient, kg m=3s?
L Length, m

Mg Mass transfer rate per unit volume from the “p” to the “q” phase, kg s* m™
m, Water flowrate, ml min

Mt Mass fraction, -

Mwt Molecular weight, kg. kmol*

pi Partial pressure of the species “i”, kPa

P Pressure, bar or Pa

q Heat released per reaction, J s

Q Total heat released, J s

reT Reaction rate, mol m3st or kmol m=3s?

f Rate of consumption/formation, mol s*m

R Gas constant, J mol1K?

Re Reynolds number, -

Rog Interaction forces between phases “p” and “q”, kg m2s
S User defined source term

Sel Selectivity of products, %

ATLm Logarithmic temperature difference, -

T Temperature, K

u Velocity, m s

XV



U Heat transfer coefficient, W m2 Kt

VL Liquid molar volume, cm?® gmol*

Vs Superficial velocity, m s

Vinlet Velocity at the inlet of the reactor, m s*

Xcat catalyst fraction, kgcat M reactor

Xco CO Molar conversion, %

Z Compressibility factor, -

Greek Symbols

a Volume fraction of the phase, -

0y 2 Chain growth probability according to the double ASF model
OASE Chain growth probability according to the ASF distribution
B Reaction effectiveness factor, -

Y Reaction Yield, %

oL Liquid film thickness, m

€ Porosity, -

€L Liquid holdup, -

u Dynamic viscosity, Pa s

p Density, kg m™

c Thermal conductivity, W m*K™*

O Particulate relaxation time, s

T Shear stress, Pa

Vi Stoichiometric coefficient of the species “i”, -

XVi



Subscripts
bulk

c

cat

Cs+

B

GL

h

LS

p

RroTaL

Ri

Acronyms
ASF

ATR

BCC

CFD
CFBR
CTL

EOS

FBR

FCC

Referred to the apparent density of the bed

Critical

Catalyst

Carbon products with carbon number > 5

Packed bed
Gas-liquid
Hydraulic
Liquid-solid
Particle

Of all the reactions

Of an individual reaction

Anderson-Schulz-Flory

Auto thermal reforming

Based centered cubic
Computational fluid dynamics
Circulating fluidized bed reactor
Carbon to liquid

Equation of state

Fluidized bed reactor

Face centered cubic

Xvii



FFBR

F-T

GTL

HTFT

ICC

IFCC

LTFT

MCR

POX

SBCR

UDF

WGS

Fluidized fixed bed reactor
Fischer Tropsch

Gas to liquids

Hexagonal

High temperature Fischer Tropsch
Interconnected centered cubic
Interconnected face centered cubic
Low temperature Fischer Tropsch
Micro channel reactor

Primitive

Partial oxidation

Rectangular

Slurry bubble column reactor
User defined function

Water Gas Shift

Xviil



1.0 INTRODUCTION

Fischer Tropsch (F-T) synthesis process provides a pathway for converting carbonaceous sources,
such as biomass, coal and natural gas, into liquid fuels and high value chemicals. The process was
originally developed by Franz Fischer and Hans Tropsch in the 1920’s in an effort to produce
liquid fuels, based on the 1902 discovery by Sabatier and Sanders [1], that methane can be
produced from H2/CO mixtures over a nickel catalyst. Over the past century, numerous
investigators have contributed to the development of this process by studying the reaction kinetics
and reactor design, with the aim of developing cleaner process for producing liquid fuels.

The overall F-T process involves three main steps: syngas generation, F-T catalytic
reactions and products upgrading, as shown in Figure 1-1. Syngas generation involves converting
the carbon containing feedstocks into syngas, which is a mixture of Hz and CO, via reactions with
steam and O2 or air. Natural gas is converted to syngas in a reformer, using auto-thermal reforming
(ATR), partial oxidation (POX) or steam-methane reforming. Solid feedstocks, such as biomass,
coal and petroleum residue, on the other hand, are converted in gasifiers, of which numerous types
have been in industrial use.

In F-T synthesis, the syngas (CO + H2) react in the presence of a catalyst, conventionally
iron catalysts or cobalt supported catalyst, to produce synthetic hydrocarbon products, primarily
linear alkanes and alkenes. The main reactions occurring during the F-T synthesis are the formation

of paraffins and olefins, in addition to the water-gas-shift (WGS) reaction. Secondary reactions



such as, the formation of oxygenates and the conversion of CO via the Boudouard reaction may

also occur [3]. The general form of these reactions is shown in Equations (1-1) to (1-5).

Natural Gas Coal
1 Asphalt,
O,—> Steam Reforming 0. — heavy residue,
Steam—p| (Catalytic) Partial Oxidation 2 Gasification [¢— petroleum coke,
Steam, O, —» Autothermal Reforming H,0—> biomass,
wastes

!

Raw Syngas (H,+CO)

v

PP Sulfur
; <] Syngas (H,+CQO) Conditionin -
Particulate yngas (H,+CO) g Compounds
Fe Co
re Co L S
Hyco=1 VS yyco=2 CO;

v

Fischer Tropsch N Products Fuels,
Reactor Upgrading > Chemicals

Figure 1-1: Overview of GTL and CTL processes [2]

Paraffins: nCo + 2n+ 1)H, - C,Hypy o + H,0 (1-1)
Olefins: nCO + 2nH, —» C,H,, + nH,0 (1-2)
Alcohols: nCO + 2nH, - H(—CH, —),0H + (n — 1)H,0 (1-3)
Boudouard reaction: 2C0 — C + 0, (1-4)
WGS: CO + H,0 & CO, + H, (1-5)



Although many metals have been identified to catalyze F-T reactions, the only two main
catalysts currently used in industrial F-T plants are iron and Cobalt-based catalysts. Iron catalysts
are less expensive, present high selectivity to olefins, and are preferred when using CO-rich syngas
since they can elevate the Hz content via the WGS reaction. On the other hand, cobalt-based
catalysts are preferred when using Hz-rich syngas, have low selectivity to WGS reactions (low
carbon dioxide formation), present higher selectivity to paraffin, but high undesired methane
formation when compared with iron catalyst [4]. Additionally, Ruthenium and Nickel catalysts
have been used in lab-scale F-T investigations, and were shown to have high activities at low
temperatures. However, their high selectivity to methane at high temperature conditions, in
addition to their significantly higher costs compared to iron and cobalt-based catalysts, make them
unsuitable for industrial use [5].

During cobalt catalyzed F-T reaction, the oxygen from CO dissociation is converted to
H20, as shown in Equations (1-1) to (1-3). Whereas, iron catalyst has a high affinity for the WGS
reaction as shown in Equation (1-5), which promotes Hz and CO2 formation. Thus, the extent of
the WGS reaction has to be closely considered as it affects the H2/CO ratio in the F-T process.

F-T process temperature and pressure may vary from 200 to 350 °C and from 15- to 60 bar,
respectively, depending on the feedstock and desired products. Low-Temperature F-T (LTFT)
operates between 180-260 °C, and typically produces wax consisting of mostly long chain
hydrocarbons, whereas High-Temperature F-T (HTFT) operates between 320-360 °C, and the
products are mainly short chain hydrocarbons and gaseous compounds [5, 6]. HTFT tends to move
the selectivity towards products with low carbon numbers and high hydrogen content, while LTFT
favors the formation of longer linear alkanes [5, 6]. The syncrude produced from LTFT can be

upgraded to naphtha and middle distillate by a hydroprocessing step and a fractionation step, while



the HTFT syncrude requires more complex refining capacities [7]. The HTFT reactors include
fixed fluidized-bed reactors (FFBRs) and circulating fluidized-bed reactors (CFBRs), whereas
multi-tubular fixed-bed reactors (FBRs) and slurry bubble column reactors (SBCRs) are used for
the LTFT process. A schematic of the different F-T reactors is shown in Figure 1-2. Table 1-1

summarizes F-T plants and reactor technologies.

Table 1-1: F-T plants: catalysts and reactor technologies [8, 9]

Date of Reactor
F-T Plant Operation | Technology Catalysts
i Co/ThOy/kieselguhr (100:18:100) before 1938
German CTL 1935-1962 LTFTFB Co/ThO,/MgO/kieselguhr (100:5:8:200) after 1938
) Fused Fe304/AI203/K20 (97:2.5:0.5)
Hydrocol GTL 1951-1957 HTFT FFB Later replaced by natural magnetite with 0.5% K;O
Sasol | HTFT CFB Magnetite with 0.5% K-,0
CTL/GTL 1955-present LTFTFB Precipitated Fe/SiO»/K;0/Cu (100:25:5:5)
LTFT SBCR Precipitated Fe/SiO2/K,0/Cu (100:25:5:5)
Sasol Synfuels Fused Fe
CTL 1980-present | HTFT FFB (similar to Sasol | HTFT CFB catalyst)
i HTFT CFB Fused Fe (same as Sasol Synfuels)
PeroSAGTL | 1992-present || rry'gpep Co based catalyst
Shell Bintulu 1993-present LTFTFB Co/Zr/SiO;
Sasol Oryx GTL | 2007-present [LTFT SBCR Co/Pt/Al,O4
Pearl GTL 2011-present LTFT FB Co/Zr/SiO;
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Figure 1-2: Fischer Tropsch Industrial Technologies

In multi-tubular FBRs, the syngas flows through small diameter tubes packed with catalyst
at small voidage, resulting in a high pressure drop and an increased operating cost. These reactors
have comparatively complex heat transfer characteristics and their maximum production capacity
is limited by the amount of heat which can be removed. Hot spots would ultimately result in carbon
deposits on the catalyst surfaces and serious plugging of the reactor tubes. These types of reactors,
however, have been used to carry out LTFT by Germany during WWII and Sasol since 1950’s
using an iron catalyst, as well as by Shell GTL at the Bintulu (Malaysia) and more recently at the
Pearl GTL (Qatar), using a Co-based catalyst [2, 8-12].

Another technology that was commercially applied for syncrude production was the
Circulating Fluidized Bed introduced by Kellogg in 1955 and Sasol in 1980. The Sasol Circulating
Fluidized Bed technology (Sasol Synthol reactor) had a 2,000-6,500 bbl/d plant capacity, and it
was then substituted by an advanced Synthol reactor (1993) with an increased capacity (11,000-

20,000 bbl/d). Sasol’s Advanced Synthol reactor led to the decrease of the reactor size per required
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capacity, catalyst consumption and maintenance requirements [13]. Slurry Bubble Column
Reactors (SBCRs), on the other hand, allow for high mixing levels, reaction rates, and volumetric
conversion rates as well as a more efficient heat removal. Compared with Multi-Tubular FBRs,
SBCRs have lower pressure drop, offers easier catalyst removal operations and better heat control
[6, 13, 14]. However, the high mechanical shear on the catalyst resulting in particles attrition and
the lack of a reliable system for the fine particles separation from the liquid products, have delayed
the commercial deployment of SBCRs until the 1990°s.

Recently, novel reactor technologies have received increasing interest for F-T applications,
such as honeycomb monolith reactors, micro-structured reactors and membrane reactors [15].
These reactors offer the advantage of process intensification, primarily due to their ability to utilize
smaller carbonaceous sources and be deployed in remote and harsh locations, thus enabling
monetizing a previously inaccessible energy market.

In monolith reactors, active catalyst layers are deposited on the channels walls allowing for
low pressure drop and enhanced mass transfer. This design approach was studied by Bradford et
al. [16] for a P/Pt-Co/y-Al203 catalyst in a 0.075 m? tubular reactor with channels of 1.5 mm x1.5
mm x1.52 m . Under those circumstances, the monolith reactor was superior to a similar fixed-bed
reactor in terms of productivity per catalyst unit mass. However, it was not superior in reactor
productivity per unit volume when compared with multi-tubular FBRS and SBCRs. Similarly,
Kapteijn et al. [17] tested a square monolith reactor using a cobalt-rhenium catalyst and the
production of a-olefins by LTFT was successfully achieved, however, mass transfer limitations
due to catalyst layer thickness were found.

On the other hand, catalytic membrane reactors offer the possibility of distribution of the

feed reactants across the membrane, removal of the water production inside the reactor and the use



of encapsulated catalysts. Several cobalt and iron catalyst with various membrane supports have
been tested for F-T synthesis in membrane rectors [18]. Rohde et al. [18] discussed key points in
the membrane reactor design, namely, the possible variation of the H2/CO ratio in the feed
distribution across the membrane and its negative consequences in reactors selectivity,
enhancement of catalyst active life, and the improvement of the F-T reaction rate by in-situ water
removal. Also, the existence of a defined and controllable reaction zone (membrane) and benefits

of the forced contact between reactants and catalyst particles when flowing through the membrane.



1.1  PROCESS INTENSIFICATION AND MINIATURIZATION

Process intensification, which refers to the technologies and strategies that enable significant
reduction of the physical dimensions of a conventional unit operation, has been receiving
considerable attention over the past two decades. The motivation of this approach stems from the
fact that the main components of a given plant, such as reactors, heat exchangers, separators, etc.,
only contribute to about 20% of the overall capital cost, whereas, 80% of the cost is incurred by
installation and commissioning, which includes pipe-work, structural support, civil engineering,
etc. [7]. This means that major reductions in the equipment size, coupled preferably with a degree
of telescoping of equipment function, such as reactor/heat exchanger unit, or combined
distillation/condenser/re-boiler, could result in significant cost savings by eliminating the support
structure, expensive foundations and long pipe runs.

Actually, process intensification has the potential to deliver major benefits to the
petrochemical and chemical process industry by accelerating the response to market changes,
simplifying scale-up and providing the basis for rapid development and deployment of new
products [19]. Microchannel reactor (MCR) technology is an example of process intensification in
chemical engineering as it (1) enhances the heat and mass transfer processes; (2) allows precise
adjustment of the initial and boundary conditions as well as the residence or contact time for
continuous chemical reactions; (3) allows linear scaleup; and (4) represents inherently safe plant
concepts.

A general layout of a MCR is schematically depicted in Figure 1-3 [20, 21]. This type of

reactor is characterized by a parallel array of vertical microchannels and cross-flow horizontal



cooling microchannels. The typical dimensions of the channels are between 0.1 and 5.0 mm. Such
arrangement is expected to significantly enhance the processes by reducing the heat and mass

transfer resistances [20, 21] and reducing the overall system volumes by 10 folds or more [22] .
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Figure 1-3: General Schematic of an MCR unit [23]

In general, the transport fluxes of mass, energy and momentum are dependent, not only on
the mass diffusivity, thermal conductivity and viscosity, but also on the corresponding
concentration, temperature, and velocity gradients. The decrease in the physical dimensions
(miniaturization) of a unit operation leads to the enhancement of mixing and heat exchange, which
increase the mass and heat transfer rates as well as the viscous losses [24, 25]. Moreover, with

decreasing the physical dimensions, the amount of material in a system is reduced, and the surface



area per unit volume ratio could increase. For industrial- and laboratory-scale reactors, this ratio is
generally below 100 m?m?® and 1,000 m?/m?, respectively, however, for MCRs the ratio might
reach 50,000 m?/mq [26].

From a commercial perspective, a major advantage of MCRs is the ease of scale-up through
modular assembly. Multiple units can be assembled in parallel or in series [20], maintaining a
continuous flow operation. Moreover, MCR technology allows for the potential utilization of
remote gas fields, especially in offshore locations, which were previously unfeasible to monetize.
As such, this overcomes a major challenge facing GTL applications using the F-T synthesis, which
lies in the fact that at least 50,000 barrel per day (bpd) production F-T plant is required in order to
lower the capital cost per barrel of daily capacity to an acceptable level [7]. However, such large
F-T plants would require about 50 MMSCF/d of the feed gas, or 5.4 trillion cubic feet of gas over
a thirty year period, which limits their potential installation to only about 2% of the known gas
fields outside of North America [27]. It should be noted that current commercial F-T plants
produce between 34,000-140,000 bbl/d of liquid fuels, and require immense amount of feedstock.
Furthermore, many other applications, such as emulsion processing, biofuels, hydro-processing
and biogas conversion could also greatly benefit from the compact and modular conversion
technology [22].

The miniaturized dimensions of these devices create a high surface to volume ratio
allowing enhanced heat and mass transfer capacities and high productivity per unit volume. For
the F-T synthesis, these features may offer a reduction in the methane formation and improving
the products distribution. It also offers the possibility to have decentralized plants that may benefit
offshore natural gas processing, biomass to liquids (BTL) technologies and waste to liquid

technologies.
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1.2 APPLICATION OF MCRs IN FISCHER-TROPSCH SYNTHESIS AND RELATED

PROCESSES

MCRs have been investigated to carry out F-T synthesis [28—33] and other related processes, such
as methanol steam reforming and methane steam reforming [34, 35]; selective oxidation processes
and Catalytic partial oxidations [36—38]; and WGS reactions [39, 40] as shown in Table 1-2.
Other applications of MCRs, including partial oxidation of toluene [41]; synthesis of
peptides [42]; hydrocarbons combustion [43, 44]; biomass pyrolysis [45]; conversion of
cyclohexene [32, 46]; condensation of organic compounds [47, 48]; methanation reactions [49];
synthesis of formaldehyde [50]; nitration reactions [51, 52]; nucleophilic reactions [53];

photocatalytic processes [54], etc., can be found in the Appendix.
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Table 1-2: Experimental investigations in F-T synthesis and other related processes using MCRs

Reference

Process Investigated

Reactor Dimensions

Aartun, et al., 2005 [37]

The partial oxidation of methane and the oxidative steam
reforming of propane for the production of hydrogen or syngas
were studied. The influence of the temperature distribution and
the change in residence time were analyzed regarding their
effect in conversion and products selectivity.

3 Fecralloy metallic reactors were used. Reactors
dimension (H x W x L): 5.5 mm x 5.6 mm x 10 mm.
The number of channels was 676 for two
configurations and 572 for the third. Rectangular
channels of 120 x 130 and 100 *x 120 um. Porosity
varied from 0.22 to 0.34. Channels were impregnated
with Rh in most of the cases.

Karim,et al., 2005 [35]

Methanol Steam Reforming reactions were performed in
catalyst packed bed and wall coated micro reactors in order to
compare the performance of both configurations.

Packed Bed Channels with ID (mm): 4.1, 1.75 and 1.
Catalyst loading (mg): 100, 50 and 30. Catalyst particle
diameter (um): 100-250

Kolb et al., 2005 [39]

The water-gas-shift reaction at low temperature and high
temperature conditions was tested in micro-channels using
different bimetallic catalyst: Pt/CeO,, Pt/Rh/CeQ2/,
Pt/Pd/CeO,/ and Pt/Ru (all in alumina base). The catalyst was
coated to the channels surface. Catalyst performance was
evaluated in order to determine the best catalyst composition
for a higher CO conversion.

The reactor consisted in two micro panels attached
together forming 14 reaction channels of 25 mm
length, 500 pm width and 250 pm depth.

Walter et al., 2005 [36]

Three different types of reactors were evaluated using the
catalytic selective oxidation of isoprene as a model reaction.
The performance of a ceramic fixed bed reactor, metal micro-
channel reactor and a ceramic micro-channel reactor was
compared.

The metal reactor was forms by six aluminum plates of
40 mm x 40 mm x 0.5 mm each. The outer dimensions
were 70 mm x 70 mm x 15 mm. Channels had an inner
diameter of 280 um and were 20 mm long. The ceramic
micro-reactor had an outer dimensions of 26 mm x 70
mm x 8 mm, with 16 micro-channels of square cross
section (500 um x 500 pm).

Veser, 2005 [38]

Catalytic partial oxidation of methane to form synthetic gas

was studied using two models of heat integrated micro-reactors.

The configurations studied were counter current heat exchange
reactor (CCHR) and reverse flow reactor (RFR). Syngas yields
were measured and compared with a reactor without heat
integration. Temperature profiles, reaction yields vs. inlet flow
rate and catalyst deactivation times were also analyzed for both
models.

The CCHR was formed by three concentric stainless
steel tubes with an outer diameter of 25 mm and a
length of 50 cm (Friedle & Veser, 1999). The RFR has
a monolith structure with a 110 mm length.
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Table 1-3: Experimental investigations in F-T synthesis and other related processes using MCRs (continued)

Reference

Process Investigated

Reactor Dimensions

Flogel et al., 2006 [42]

The synthesis of peptides was evaluated using a silicon
microchannel technology. Its performance was compared with
typical synthesis processes as solution phase and solid phase
couplings.

Total reaction volume was 78.3 pL with a mixing zone
0f 9.5 uL and a Reaction loop of 68.8 pL.

Cao et al., 2009 [28]

Study of F-T synthesis inside a microchannel reactor system
with intensified heat transfer capacity. The temperature profile
over the catalyst bed was evaluated and compared to a
conventional fixed bed FT reactor.

Packed bed Channels with packing dimension equal to
1.27 cm x 0.0508 cm x1.778 cm. Catalyst surface area:
60 m?g and a pore volume of 0.14 cm®g. Particle
diameter: 45 and 150 mm

Men et al., 2009 [44]

Micro-channels coated with different types of catalyst were used
to study the complete combustion of propane. Pt, Pd and Rh
based catalysts were used for the reactions. Reaction temperature
was varied. The propane conversion was evaluated over time for
the different reactions conditions.

The microchannels were formed by the union of two
etched plates. The openings created by these plates
measure 25 mm long, 500 um wide and 250 um deep.

Myrstad et al., 2009 [31]

A micro structured F-T reactor was used to study the
productivity, selectivity, and pressure drop and temperature
profile for F-T synthesis using a Co-Re/Al,O3 catalyst bed.
Results were compared to a laboratory scale fixed bed reactor
operated at similar conditions.

2 cm? reactor with and 8 parallel catalyst sections of 400
um of deep and 800 pum of height. d,, (um): 53-75

Deshmukh et al., 2010
[29]

The scale up capacity of microchannel reactors for F-T synthesis
was studied using single channel micro reactors and multiple
channel microreactors. In total four microchannel reactors were
tested. The operational capacity was compared in terms of CO
conversion, selectivity to secondary products and product
distribution. The operational conditions of the microreactors
were varied in order to test the flexibility to pressure,
temperature and feed composition change.

Dimensions are in (Depth x Width x Length) / Reactor
1: Single channel (1 mm x 0.8 cm x 7 cm) + packed bed
of 3.8 cm long. / Reactor 2: Single channel with two
gaps. 1% gap (1 mm deep), 2" gap: (0.5 mm deep), width
— 0.6 cm, packed bed length — 61.6 cm. / Reactor 3:
Similar dimensions to reactor 2. One process channels
and two cooling channels / Reactor 4: 276 process
channels (1 mm x 0.3 cm x 19 cm) + packed bed length:
17.1 cm. Crossflow configuration with cooling
channels.
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Table 1-4: Experimental investigations in F-T synthesis and other related processes using MCRs (continued)

Reference Process Investigated Reactor Dimensions
Knochen et al., 2010 Catalyst performance, conversion and pressure drop during F-T | Capillary internal diameter: 1.753 mm
[33] synthesis using CoRe/Al,O3 catalyst beds. Ergun constants for | Packed bed height: 1.0 m

calculation of the pressure drop were determined by | Packing porosity: 0.355
measurements in the absence of a reaction. A model was | d,, (um): 140-200
developed to characterize the reactor performance including
mass and heat balance, pressure drops and reaction rate.

Knobloch et al., 2013 A micro scale fixed bed reactor with Co-Re/Al,Os catalyst bed | Packed bed Channels particle diameter:

[30] was used to measure pressure drop and liquid holdup during a | (um): 60-580
gas flow without reaction and during FT reactions. Ergun | Bed porosity: 38.7-52.4 %
Pressure drop constants and liquid hold up were calculated. Bed length: 0.1-1 m
d: 1.75 mm
Piermantini and Pfeifer, | The enhancement of the CO/H; ratio of a biomass derived syngas | Fixed-bed configuration: 2 foils (150 mm long, 25 mm
2015 [40] was achieved through high temperature and pressure water gas | wide) with 1029 channels each. Channels dimensions

shift reaction in a micro reactor. The reactor was tested with | (800 um wide, 400 um long, 800 um deep).
packed bed catalysts and with catalyst coated walls. A scale up | Coated walls configuration: 14 foils (150 mm long, 25
model based on experimental and simulations results was | mm wide) with 50 channels each. Channels dimensions
presented. 200 um wide, 200 pm long, 100 um deep).
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Actually, commercial implementation of MCR for F-T was proposed by Velocys, Inc. and
Compact GTL [55]. In a report made for the International Petroleum Technology Conference in
Qatar [56], Velocys claimed that the use of a highly active cobalt catalyst (Velocys OMX catalyst)
in MCRs were able to improve F-T product yield and was capable of maintaining consistence
performance even after regeneration. This report also demonstrated that for a reactor operating at:
350 psig, 12,415 GHSV, H2/CO syngas feed ratio of 2/1; temperatures between 198-202 °C, the
CO conversions was 80-87 %, while the highest Cs+ selectivity achieved was 88.53 %.

According to Velocys [57], The first small-scale GTL facility in the U.S. would be built in
a joint venture with Ventech, Waste Management and NRG Energy. The plant will be located in
Oklahoma and it is expected to begin operations by the end of this year (2016). The plant is
projected to produce clean diesel fuel and chemicals from landfill and natural gas. Similarly, in an
effort to reduce gas flaring from oil production in Kazakhstan, the CompactGTL company in a
joint venture with the Republic of Kazakhstan plans to build a 3,000 bbl/d commercial GTL facility
with their proprietary mini-channel reactor design along with a two-stage F-T process. The plant
is projected to start commercial operations in 2018. This company has currently two demonstration

small-scale GTL plants in Brazil (with Petrobras) and in the United Kingdom [58].
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20 OBJECTIVE

Even though MCRs were proposed for commercial implementations and demonstration plans have
already been built, adequate literature publications on the use of MCRs in F-T synthesis is scanty
and to our knowledge many details concerning the hydrodynamics, mass transfer, heat transfer
performance of MCRs cannot be found. Therefore, the overall objective of this research is to

investigate the hydrodynamics, mass transfer and kinetics of the MCRs for Low-Temperature F-T

(LTFT) synthesis in order to produce alkanes using a Co-based catalyst on silica support. In order

to achieve this objective, the following tasks are performed:

1. Build a one dimensional (1-D) MCR model to evaluate the effects of catalyst shape and
packing configuration on the reactor performance.

2. Build a Computational Fluid Dynamics (CFD) model of the MCR, which accounts for the
pressure drop and F-T reaction kinetics, in order to provide fundamental understanding of the
overall performance of the reactor considering different operating conditions.

3. Compare the performance between both models based on reactants conversion and pressure
drop.

4. Propose a geometry for the MCR inlet and model the fluid distribution of the syngas to the

microchannels.
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3.0 RESEARCH APPROACH

3.1 CONFIGURATION OF THE MCR INVESTIGATED

The MCR used in this study consists of 2 parallel packed sections with 25 channels each. The
individual channel dimensions are 10 mmx 2 mmx 150 mm. The inlet gas feed stream enters at
the top of the channels and the products come out of the bottom. The reactor is cooled using a
cross flow configuration cooling, where water enters at the side of the reactor and comes out at the

opposite side.

Feed Gas

150 mm

\ Cooling Fluid

20 mm

MCR Reactor Unit \1, FT Products

(Composed of 25 channels) Single packed channel

Figure 3-1: Dimensions of the MCR unit and the packed channel investigated in this study
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The operating conditions used in this investigation are listed in Table 3-1. The kinetic rate
expression by Keyser et al. [59] for a Co-based catalyst on silica support was used as shown in
Equation (3-1).

Table 3-1: Microchannel Operating Conditions

Temperature | Pressure | Inlet Velocity Inlet Gas (wt.%0)
K bar m/s CO H,
500 25 0.05 0.8742 0.1258
Py, Pco

(3-1)

Ter = kpp ———
FT FT Po + Po

In this study, six main reactions were considered, as shown in Error! Reference source
not found.. The CO in the feed was assumed to be equally distributed by mass among these six

reactions.

Table 3-2: Reactions and products list

Product Reaction AH’r (kJ/mol)
Methane CO + 3H, -» CH, + H,0 -248.700
Butane CO + 2.25H, - 0.25C4H1o + H,0 -206.748
Pentane CO + 2.20H, - 0.20CsHq, + H,0 -262.055

Decane CO + 2.10H, = 0.10C;oH,, + H,0 -205.390
Tetradecane | CO + 2.07H, = 0.07C;,H3o + H,0 -204.104
Tetracosane | CO + 2.04H, — 0.04C,,Hsy + H,0 -206.129

Subsequently, a 2-a probability distribution was investigated for the proposed hydrocarbon

products, which is represented as follows [60]:

In (M) = Ln[Aa]"*+ Ba}™?] (3-2)
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Where

B=4 (Z—:)H (3-3)

e 1
- Ne 3-4
1—1a1+(g_2) [1—1a2] &

For this 2-a probability model, ( is the point at which the semi-logarithmic plot between
the mass fractions and the carbon numbers starts to show a deviation from a linear behavior and is
represented by the estimated carbon number at which this occurs. In our case, this point occurs at
n = 6 according to the data plotted in Figure 3-2. This distribution suggests a chain probability
growth for the low carbon numbers a1 and a second one for the high carbon numbers a2. Following
this model, the linear regression model is divided in two sections and the results give a1 = 0.659

(with R2 = 98.7 %) and a2 = 0.941 (with R? = 98.8 %).

-2 r
R
-25 ' ‘\‘
\\
31 \  a; =0.659
; \
-35 4 K
-~ 3 d
= [ %
- 47 \
c [ .
- i =3,
451 AP a, = 0.941
1\ ~
5 : o~
3 1 -~
i ! ~.
55 § ! ‘0
. n=6
6 ey M —
0 5 10 15 20 25

Figure 3-2: Double chain probability growth model

19



3.2 PRESSURE DROP PREDICTION

The pressured drop was represented by Ergun’s generalized equation given in Equation (3-5). This

equation includes two terms for laminar (viscous) and turbulent (inertial) pressure drops. The

viscous and inertial coefficients, denoted as K, iscous aNd Kinertiar, resSpectively, were identified

for six different pressure drop models taken from the literature, as shown in Table 3-3.

AP pu?

= Kyiscous " PU + Kinertiar *
—
Viscous term

= (35)

Inertial term

Table 3-3: Pressure drop models

Reference K iscous Kinertial
Ergun (1952) 150(1 — g5)? 3.5(1 —¢&p)
[61] dp26‘33 dpeg®
Mehta & 150(1 —&5)* [, 2d, \° 35(1—ep) (( 24y
HaWIey deSBS 3dh(1 — EB) dpr3 3dh(1 - 83)
(1969) [62]

_ 2 8.4(1 - EB)
Tallmadge et 150(12—?0 5 (_Rep \'/°
al. (1970) [63] dp”ep dpes® (1= eB)

2 _ 2
Liu et al, 150(1 — &5)* <1 L T > 3.5(1 :B) LT (1 ~ O_Sd_p>
(1994) [64] dyep® 6d,(1 - ep) dpep 24d, d,
2 2
| Ky(1— £5)? 2/3 AT
Eisfeld & ldz 33 1+ 2(1 — 5) d, (1—¢p)
Schnitzlein p(¢87) (d—;‘) (1—ep) d,e3 P

(2001) [65]

Ky =154, k; =1.15, ko
K. = 190, k1 = 2.0, kz =

(87)

= 0.87 for spherical particles
0.83 for cylindrical particles

Harrison et al.
2013 [66]

119.8(1 — £5)? <1 L T )2
d,’ep? 6d,(1 — p)

9.26(1 — &p) 1 n?d, <1 o 5@)
doe 3( Rep )1/6 24d), T dy,
P B 1 - EB
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The pressure drop was calculated for different superficial gas velocities using the operating
conditions given in Table 3-4 and the results are shown in Figure 3-3. As can be seen in this figure,
the highest pressure drop was predicted using the correlation by Eisfeld and Schnitzlein [65], and

was therefore selected to represent the pressure drop in the MCR model.

Table 3-4: Data for Pressure Drop Models evaluation

Parameter Units
Temperature K 500
Pressure bar 30
Length (bed) m 0.3048
Syngas Density (p) (H2:CO = 2) kg/m? 7.6185
dn/dp - 33.3
Dynamic Viscosity (p) Pa.s 2.4256x10°
Particle Diameter (dp) m 0.0001
Porosity (g) - 0.30
Superficial Velocity (Vs) m/s 0.01-0.1
Hydraulic diameter (dn) m 0.0033
Sphericity (o) - 1.0000
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Figure 3-3: Pressure drop prediction using different models
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3.3  MASS TRANSFER IN MCR

Figure 3-7 shows a schematic of the gas-liquid-sloid interactions in the MCR. As can be seen in
this figure, the gas reactant must first dissolve in the liquid-phase, travel through the gas-liquid
film, liquid bulk and then the liquid-solid film on the catalyst particle to reach the active sites on

catalyst surface or inside the pores for the reaction to take place.

Gas — Liquid Interface Liquid — Solid
Gas film coefficient Interface
X mol
9\ Pam?s S~._ e e
S~a 1
> () 1
< 1
1 1 /
pA,g 1 1 ) \
Pa,i I Concentrationprofile - \ Catalyst
! in stagnant film A ] _y
. ! - Particle
Main Body I L
of Gas Cai

{/\

R
A
\

Catalyst
Active Site
=3 Cads
\ ) \ S~

\ R
Gas Liquid “ R -
film film \ E ive Di .

Film coefficient frective X lffusum
. coefficient
on catalyst particle m3l
3
m°l D
kc< 2 > a8 <mmts>
mcats

Figure 3-4: Schematic of a gas-liquid-solid interactions in the MCR

The gas solubility into the liquid-phase can be expressed by Henry’s Law constant, H as:

u (Pa m3> _ Pai (3-6)

mol | Cai
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The effect of temperature on Henry’s law constant is given in Equation (3-7) and depicted

in Figure 3-5.

A B 3-7
ln(HA) = ln(HA'o) +E+? ( )

The values for H, ,, A and B for Hz2 and CO in alkanes were taken from Soriano et al. [67].
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Figure 3-5: Henry’s law constants for H, and CO

Assuming the two-film model is applicable, the mass transfer flux across a stagnant gas-
film, gas-liquid interface and liquid-solid interfaces can be written as Equations (3-8), (3-9) and

(3-10), respectively.

Je = kA,gai(PA,g - Pj,g) (3-8)
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JL= kA,lai(CA,i - CA,L) (3-9)
IJs = kcacat(CA,L - Cads) (3-10)

In these equations ai and acat are defines by Equations (3-11) and (3-12), respectively.

o . Gas Liquid Interfacial area (3-11)
Gas Liquid Interfacial area: a; =
Volume of reactor
_ External surface of particles
Geat = Volume of reactor
Liquid Solid Interfacial area: (3-12)

be
Aear = d—s (for Spherical particles)
P

Where &, = solid loading

For a first order reaction of a species A, the flux at the surface equals the rate of species

transport to the catalyst surface according to Equation (3-13).

r= kreactionCA,s = kmass—transfer(CA,g - CA,S) (3-13)

Solving for Cy ¢

CA,s _ kmass—transfer(CA,g) (3_14)

kreaction + kmass—transfer

Substituting the value of C, ; into the left-hand-side of Equation (3-13) gives:

k _ C
mass transfer( A,g) > (3_15)
reaction + kmass—transfer

T = Kreaction <k

Rearranging the above equation:

Cag

. 1 (3-16)

r =

kreaction kmass—transfer
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Where:

1 1 1 1

= + +
kmass—transfer kA,g aiHA kA,l a; kAc ac

(3-17)

And:

1 1

= !
kreaction (kA acat)ngs

(3-18)

Where 7 is the effectiveness factor for the first order reaction of A with a rate constant =
k,. Based on the resistances shown in Figure 3-7 and the assumption that concentrations do not

change at the interfaces, the following overall rate equation is applicable.

B _ldNA _ Cayg

WEyTae T 1 T, 1, 1 (3-19)
kA,gaiHA kA,lai kAcac (kA)Tlfs

Generally, (;) and (;) are negligible and accordingly the only remaining
kagai kacac
resistances are due to kinetics and gas-liquid film.

The reaction rate of Keyser et al. [59] is:

, ( mol ) _ PHZPCO (3‘20)
T\ Gears T Peo + bPy,o

Assuming that the mass transfer through the liquid film cannot be ignored, the mass balance

is represented as follows:

ugiCe (3-21)

F kLaGL(C* - CA,l) + Tgr
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The above equation can be rewritten as:

ou, .Gy (3-22)
), Lo *
———=k,ag, (C - CA,L) + N TrrPcat€B
aZ N e — S——
— m 1 mol mol
mol s w29 s
m3s

Where €5 is the bed porosity.

The equilibrium solubilities (C*) were determined using Henry’s law assuming that the

gases will reach equilibrium solubility in the liquid film.

Since gas bubbles will not form in the MCR and the solid particles could be completely
covered by a thin liquid film, there will be no bulk-liquid phase and accordingly the gas-liquid
interfacial area could be represented by the effective wetted catalyst area. Therefore, the specific
surface area of the gas-liquid interface was estimated according to McCabe and Smith [68] as:

6(1—¢€p) (3-23)

O G
wett

Where, d,,.:: 1S a value, which could be greater than the actual outer diameter of the wetted

catalyst particle.

The value of k;, on the other hand, was estimated using the following relationship for
packed-beds by Davis and Davis [69]. The k; values were estimated to be in the order of 10° m/s

at T =493 K and P = 25 bar.

D2/3u0'5 1/6
ky A8 7§ L (3-24)

(0-5 dwett)o's.ull/6

The diffusivities were also estimated using Equation (25) by Erkey at al. [70] to be in the
order of 10 m?/s. Also, The values of the different parameters were taken for a paraffin mixture

from Sehabiague [2].
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T/Mw (3-25)
Dyp = 1.1728 x 10726 Y=L x 100%
v

The CO conversion was calculated as follows:

Cco,in — C -
XCO — CO,in CO,out x 100% (3 26)

CCO,in

Equations (3-20) through (3-25), coupled with Equation (3-7) for Henry’s law constant
were solved using Matlab R2014a under the following conditions: inlet superficial gas velocity =
0.5 m/s, bed porosity = 32%, particle diameter = 100 um, wetted diameter (dwet) = 150 um and a
catalyst density = 4,840 kg/m®. Figure 3-6 clearly that the effect of mass transfer on the CO

conversion in the MCR used in this study can be safely neglected.

100 1
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No Mass transfer
— = With Mass transfer
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a
o

30 -~
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0 0.05 0.1 0.15
Length (m)

Figure 3-6: CO conversions with and without mass transfer
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3.4 DEVELOPMENT OF A ONE-DIMENSIONAL MODEL FOR THE MCR

The preceding section indicated that the gas-liquid mass transfer in the MCR under the conditions
used in this study can be safely neglected without compromising the accuracy of the CO
conversion. Thus, a one-dimensional (1-D) model for only gas-phase reactions was developed for
the MCR in Matlab R2014a. It consists of the following:

1. 9 material balance equations, as shown in Equations (3-27) to (3-35), for CO, Hz, H20,

C1, C4, Cs, C10, C14 and Ca4, respectively.

% = 1A (3-27)
dg ’l” = 1,4 (3-28)
dl;leo = Tyyp04 (3-29)
df;clm — 1o (3-30)
% = Tcan104 (3-31)
chc‘;lle = Tcsh124 (3-32)
% = Ter0m224 (3-33)
% = Tc14m304 (3-34)
—dFCCZI;HSO = Tcaams04 (3-35)

Where, F; is the molar flux and ; is the rate of consumption/formation of the it species,
and A is the cross-sectional area of the channel (20 mm?). The rate of consumption/formation of

the species depends on the rate of F-T reaction rate (1), stoichiometric coefficients (v;), catalyst
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effectiveness factor () and catalyst mass per unit reactor volume (m.,;). It can be expressed as is
indicated in Equation (3-27) [33]: The stoichiometric coefficient for each component were taken
to be-6,-13.63,1,0.25,0.2,0.1, 0.071, 0.042 for CO, Hz, C1, C4, Cs, C10, C14 and Ca4, respectively,
based on the reaction set shown above.

Ty = Vi MegeTer (3'36)

2. The F-T reaction rate kinetics expression proposed by Keyser et al. [59] was incorporated
into the model (Equation (3-1)) and the kinetic model was then rearranged, in terms of the

molar fluxes of the species, as follows.

I (kFTZFCOFH2> (RTpcat> (3-37)
Fr Feo + bFyy0 Fy

Two cobalt catalysts with different physical properties, as shown in Table 3-5, were used
in the 1-D model. These properties were taken from Philippe et al. [71], based on a cobalt catalyst

supported on silicon carbide (70/30 SiC-Co).

Table 3-5: Catlysts used in th 1-D model

Shape Porosity (g) dp (Um) peat (Kg/m?)
Spherical -1 0.260
Spherical -2 0.320 100 4,840

Spherical -3 0.476
Cylindrical-1 0.375
Cylindrical-2 0.395 100

Cylindrical-3 0.455 (equivalent diameter)
Cylindrical-4 0.481

950
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The MCR model was considered to operate with a cobalt catalyst, which has negligible
WGS reactions. Therefore, only the reaction rate for the F-T synthesis was used. kp; was

represented using a general Arrhenius-type expression with an activation energy Epr = 79.9 +

0.6 —— at 220 °C, as follows:
mol

EFT
=0. - 3-38
kpr = 0.18597 exp( RT) (3-38)
3. The Peng-Robinson Equation-of-State (P-R EOS), Equation (3-39) and its expanded from,
Equation (3-40), was used to obtain the compressibility factor (Z) of the gas mixture.

RT a
P_

— — 3-39
v—b v2%+ 2bv— b2 ( )

73— (1-B)Z2+(A—3B?—-2B)Z— (AB—B?—-B3) =0  (3-40)

Where:

aP (3-41)

A= qare
bP (3-42)

B=ar

L= v (3-43)

"~ RT

a= Z Z YiYjaij (3-44)
i j

b = z Yib; (3-49)
i

aij = (1 - 5L-j),/al-aj (3_46)

31



R2T? . (3-47)
a; = 0.45724 = [1 + K[l - TP ]]
RT, ]
b; = 0.0778 —= (3-48)
PC
Kk = 0.37464 + 1.5422w — 0.26992w? (3-49)

It should be noted that the binary iteration parameters used in the mixing rules (6;;) for the

species involved were taken from ASPEN PLUS.

4. The pressure drop was calculated using the correlation by Eisfeld and Schnitzlein [65], as

shown in Equation (3-50).

dP_K(—e?[  2/3
- -1 B/ ——— | fuu
G\ (B)a-e
p
3-50
R 2 (3-50)
a-ep| (@)= | g

dp£3 dp 2 2 2L
k(@) +

All equations were solved using MATLAB R2014a and the output results are the
hydrocarbons molar flow rates, CO conversion, and pressure drop using a 150 mm length
microchannel with the seven catalysts listed in Table 3-5. The boundary conditions were set to be

the inlet molar flows and pressure.
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3.5 DEVELOPMENT OF A CFD MODEL FOR THE MCR

The CFD model is based on a multi-Eulerian approach, which has been previously used in MCR
modeling studies [72-75]. The effect of the porous bed was incorporated by overlaying a scalar
pressure drop correlation within the porous region. The multiphase Eulerian approach with the
porous media model has proven to be useful in modeling fluid flows in packed-beds; however, it
suffers from the following drawbacks [76]:

1. ANSYS Fluent considers, by default, a superficial velocity formulation. For better results
it is recommended to use a physical velocity resistance formulation, where the porosity is
considered for the convection and diffusion terms in all the transport equations.

2. The heat capacity of the material in the porous zone should be entered as a constant value.

3. The effects in the turbulence field due to the porous medium are approximated.

The following model assumptions and parameters were made:
1. Laminar flow;

2. Constant packing fraction;

3. No-slip velocity conditions at the walls; and

4. Isothermal operation.

3.5.1 Inlet geometry mesh of the MCR

The geometry used in the CFD model is shown in Figure 3-7, which represents the inlet to the
MCR. It has a 10 mm ID and the reactants passes through a 25 mm chamber before entering the
packed-channels. The dark grey box represents the 50 process micro-channels with a length of 40

mm each. It should be noted that the channels were shortened to a length of 40 mm to reduce the
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computational time required by ANSYS Fluent. The channels are arranged in two lines of 25 each
and are separated by a 0.25 mm distance. This geometry is intended only to depict the flow
distribution zone, i.e., the upper area of the reactor and the inlets to the channels. The horizontal
cooling channels are not considered in this illustration.

Furthermore, the geometry was modified to investigate the effect of the presence of a flow
distributor, where two layers of solid spheres with diameters between 0.5 mm and 2 mm were
placed 5 mm above the micro-channels inlet in order to achieve a homogenous distribution of the

gas flow, as shown in Figure 3-8.

Front View Top View
57 mm
25 mm
21
mm
25 mm
40 mm
20 mm

Isometric View

Figure 3-7: MCR geometry used in the CFD model
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Figure 3-8: Reactors housing with flow distributor

3.5.2 Conservation Equations for Multiphase Flow

The mass and momentum conservation equations used in this CFD model are described in this
section. For multiphase flow through the porous media, the volume fractions of each phase (a) are

included in the conservation equations for mass, momentum and the energy equation [76].
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3.5.2.1 Conservation of Mass.

5 n (3-51)
3t (SB“qpq) +V- (gBaqpquq) = ¢p Z(m.pq + Mgp))
p=1

Where q denotes phase “q”, and p denotes phase “p”. Note that for the packed-bed system, the
velocity of the solid phase is zero. Also, no mass transfer is considered between the solid and the
gas/liquid phase. Therefore, the mass conservation equation is reduces to that of a single-phase
flow:

d . 3-52
&(‘SB“qPq) +V- (EB“qpquq) =0 (3-52)

3.5.2.2 Conservation of Momentum

The momentum conservation equation is represented as:

(3-53)

0 — —
a(sBaqPquq) +V- (gB“qpququq)

n
= —epay,VP + V- (e5T,) + €papppg + €5 Z(R—pq))
p=1

2 3
eg“U__, €°Chq 1,
—a u, + p[u]u)
CI(Kq q 2 ql=ql=q

In the left-hand-side of this equation, the first and second expressions represent the
transient and convective terms, respectively. In the right-hand-side, the first term represents the

pressure p exerted by the opposite phase, the second term represents the shear stress tensor 7, and

the third term is the gravity g expression, which accounts for the body forces. The next two terms
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in the RHS describe the phase interaction forces where R—pq> represents the interaction force

between the phases, which depends on the friction, pressure and cohesion of the phases and on the

exchange coefficient Kpg, as follows:

Rpq = Kpq (Vg = V) (3-54)

The exchange coefficient K,,, depends on the nature of the phases, fluid-solid or fluid-
fluid or solid-solid. It should be mentioned that the simulations presented in this study only
covers fluid-fluid and fluid-solid interactions.

For gas-liquid flows, Kpq is represented as follows:

aq0ppPpf (3-55)

Op

Ke, = K6 =

Where f corresponds to the drag function which is calculated according to the Schiller and
Naumann [77] drag model as:
(3-56)

Rep
0.44 Re, = 1000

24
— | (14 0.15Re)*®7)  Re, < 1000
CpeL =
Co is the drag coefficient, and Re is the Reynolds number calculated for the primary-phase
(gas). a,, represents the particulate relaxation time, which is a function of the density and diameter
of the solid as well as the viscosity of the gas [78].

bt (3-57)
P18y,

For gas-solid or liquid-solid flows, Kpq is represented using the Gidaspow model [79]

which is a result of the consolidation of the Wen and Yu [80] model and the Ergun’s equation [61]:
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u—q>| (3-58)

2
(1 - aq) Hq 4175 pq(l - aq)lu -
a,d? d,

KG/L—S = 150
The last term in the momentum equation describes the flow resistance condition present in

the porous medium due to the viscous and inertial forces.
3.5.3 Fischer-Tropsch Reaction Kinetics

When accounting for the chemical reactions, an additional species conservation equation has to be
considered as follows:

a(pqSB:VIic)

ot + V(pgesuquqys) = V(espgDaVvi) + 14 — Ty (3-59)

; . . : ij
Where yg represents the mass fraction of species i in phase g, whereas r; and r,,, represent

the F-T reaction kinetics rate and the rate of chemical absorption, respectively.The kinetic rate

expression Equation (3-37) by Keyser et al. [59] was used as mentioned in Section 3.4.

Based on the kinetic equations, a user defined function (UDF) was written and interpreted
in the FLUENT interphase. In this function, the reaction rate had to be rearranged in terms of molar

concentrations (kmol/m?) as follows:

kmOl kFTCCOCHZ (3'60)
= RT
e (s) = G ) RT o)
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3.5.4 Thermo-physical Properties of the F-T Reactants and Products

The thermo-physical properties of each reaction component are listed in Table 3-6 at T = 500 K

and P = 25 bar according to the simulation conditions.

Table 3-6: Reactants and products properties at T = 500 K (226.85 °C) and 25 bar [81, 82]

Formula p Cop n G Mwt T Pc
kg/m® | J/kg'K Pa-s W/mK | kg’lkmol | K bar
CO 16.68 | 1077 | 2.586x10° | 0.040 28.01 |1329| 349
H> 1.20 | 14531 | 1.271x10° | 0.282 2.02 33.1 | 13.0
H.0 12.38 | 3282 | 1.669x10° | 0.045 18.02 | 647.1 | 220.6
CHas 9.65 2940 | 1.716x10° | 0.069 16.04 | 190.6 | 46.0

CsH1o 40.48 | 2751 | 1.300x10° | 0.046 58.12 | 425.1| 37.8
CsHiz 57.41 | 2895 | 1.340x10® | 0.041 7215 | 468.8 | 33.6
CioH2 559.82 | 3025 | 1.480x10* | 0.087 142.28 | 616.8 | 20.9
CiaHso 617.31 | 2842 |2.430x10* | 0.104 198.39 | 691.0 | 144

CasHso 670.38 | 2698 |5.520x10” | 0.126 | 338.65 |804.0 | 9.8

The properties for the heavier hydrocarbons (Cis and Cz4) were calculated using the
Asymptotic Behavior Correlations (ABC) for F-T liquids developed by Marano and Holder [83].

The general ABC correlations has the following form for a specific carbon number:

Y =Y., +AY(n —n,) — AY,exp(—f(n £ n,)Y) (3-61)
- Where AY,, and AY, for Vi, CpL/R and AL are:
AYy = A + BT + CosT? + D, T3 5 Yo, fOT O (3-62)

AY, = A, + B,T + C,T? + D, T3 (3-63)
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- For Ln (p):

Boo Eoo -
AY, = Ay, + T + CoIn(T) + DOOT2 + F (3 64)

B E ]
AY, = A, + 7" +C, In(T) + D,T? + T—‘Z’ (3-65)

The coefficients in the above equations are given in Table 3-7.

Table 3-7: Temperature dependent ABC Parameter for properties of n-Paraffins [84]

Vi CpL/R Ln(p) oL
(cm®/gmol) - (Pa.s) (W/m.K)
A, 8592.3 -58.0001 | - 602.688 | A, | 0.069096
Bo -85.7292 | 0.330453 | 77866.8 | B, | 0.00173
Co 0.280284 | -0.00059 | 198.006 | C, 0
D, |-0.000448451 | 3.24x10°® | - 4.2x10% | D, 0
E, 0 0 - 2494770
A. 12.7924 | 0.017812 | 0.02902
B, | 0.0150627 | 0.021419 | -241.023 | A., | 0.212451
C,. | -1.30794x10° | - 3.4x10° | 0.044096 | B.., | - 4.10x10°
D, | 159611x108 | 2x10® | -1.8x107 | C.. 0
E. 0 0 56561.7 | Duo 0
B 5519846 | 0.183717 | 2.476409 | B | 1.241494
y 0.0690406 | 0.753795 | 0.011212 | v | 0.235832
Yoo 0 0 57.8516
oo | -1388524 | 1.153418 | -229308 | ™ | 12017

3.5.5 Pressure Drop Calculations

The pressure drop correlation by Eisfeld and Schnitzlein [65] was used, as discussed in Section
3.3. The correlation is based on a bank of tests of over 2300 experimental data points and it is
applicable to spherical, cylindrical, and granular particles with an aspect ratio (dn/dp) between 1.73-

250 and particle Reynolds numbers between 0.07-17365.
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3.5.6 Heat Transfer Calculations

The amount of heat released due to reactions was estimated based on the standard enthalpy of
formation of the reactants and products, and the stoichiometric ratio in each chemical reaction.
The total enthalpy of reaction is based on the number of moles of CO consumed for the formation
of each product.

The heat contribution per reaction is the result of the heat of reaction per mole of CO times
the consumed molar flow of CO in that reaction (F,_;). Finally, the overall heat released by the
entire system will be the sum of all the specific reaction contributions.

N (3-66)
Q = MHgpory, = ) Foo-ibHy,
j=1

It should be pointed out that Q and AHg, .. have negative signs indicating exothermic
reaction where the heat is released from the channel to its surroundings. In order to maintain
isothermal operation a proper cooling system capable of removing this heat is necessary. Due to
the MCR configuration, the heat is removed using cross flow of saturated water. When the heat is

transferred to the water, it will vaporize to produce low pressure steam. The amount of water

required was determined using an energy balance as follows:
Q = myhsg (3-67)

The heat transfer coefficient U for a crossflow type heat exchanger is defined by the total
area of heat transfer As, the logarithmic mean temperature difference A7im, and the total heat

transferred Q.
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Q = UA,FAT,, (3-68)

Assuming the cooling water enters the reactor at 1 degree lower than that of the reaction
temperature and is converted to steam at constant temperature, which is similar to the assumption
by Arzamendi et al. [85]. Accordingly, the logarithmic mean temperature difference could be set

to unity.

3.5.7 Mass Transfer Calculations

In this work, the mass transfer was incorporated into the mass conservation equations (Equation
(3-48)) using the terms (m3,, + my,). In a typical gas- liquid-solid system, such as F-T, the gas-
phase reactants have to diffuse from the gas bulk zone to the catalyst surface overcoming the gas-
liquid interphase (between the gas bubble surface and the liquid bulk), the liquid bulk, and the
liquid-solid interphase (between the liquid film and the catalyst particle). Additionally, since the
reaction occurs inside the catalyst pores, the reactant must reach the inner catalyst active sites [86].

Provided that each interphase has its own mass transfer coefficient accounting for the
resistant to the diffusion process and assuming that the liquid film is completely covering the solid
surface of the catalyst, the reaction may be affected by ke. (mass transfer coefficient for the gas-
liquid interphase), and kis (mass transfer coefficient for the liquid-solid interphase) and their
corresponding interfacial areas acL and acs [87]. If the solid phase is assumed to be covered only
partially by the liquid phase, a third mass transfer resistance has to be considered between the gas-
solid interphase kes and its corresponding interfacial area acs [88]. Additionally, the mass transfer
in the liquid-phase may be affected by the mixing conditions in the reactor, and in the gas-phase

by the reactants volatility [89].
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When modeling the mass transfer phenomena in micro-structured reactors, Guettel et al.
[90], Knochen et al. [33], Kreutzer et al. [88], and Lebens et al.[91], only considered the resistances
occurring between the interphases. For F-T synthesis, the mass transfer in the bulk gas- phase can
be neglected due to the high volatility of the F-T reactants, whereas, the mass transfer resistance
in the bulk liquid-phase can also be neglected due to enhanced mixing [33, 88, 90, 91].
Subsequently, the dominant mass transfer resistance encountered by the gas will be in the liquid-
solid film [86].

Under those circumstances, Knochen et al. [33] described the transport of the gas reactants

through the liquid-solid interface in a micro reactor using the following equations:

K _ 6D;,;(1 — &) (3-69)
LsaLs = T
ngp (3-70)
0 =——
6(1 - EB)

Where D, ; is the diffusion coefficient of the it species in the liquid, 5 is the porosity of
the packed-bed, d, is the diameter of the catalytic particle, §; is the thickness of the liquid film
and ¢, is the liquid holdup. In this model the liquid holdup was estimated experimentally, through
the measurement of the pressure drop and its comparison with the calculated pressure drop in terms
of the initial bed porosity.

In this study, the channels were considered to have a constant porosity of 0.375 with
catalyst particles of 100 um. The solid-phase was assumed to be covered by a thin film of liquid
and the amount of liquid present in the reactor was obtained from the simulation results as the

percentage of liquid products in the outlet stream.
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Since the reactor is operating in a continuous flow, the amount of liquid present in the
reactor was assumed to be constant through all the channels length. The diffusivity coefficients for
the Hz and CO were taken from [92] as 4.55x10® m/s? and 1.72x10® m/s?, respectively.

The mass transfer coefficients must be obtained from the above equations in order to
compare them to the pseudo-reaction rate coefficients and determine if the process is governed by
the mass transfer rate or by the reaction rate [93]. In order to do this, it is necessary to have an
expression for the gas-liquid interfacial area. Assuming that Fick’s law may represent the diffusion

of the gas species trough the liquid film, the mass flux at steady state can be expressed as:

Jo=kpa, (C"—Cp) (3-71)

Where C*is the concentration at the interphase, C;, is the concentration in the bulk-phase
and k; is the mass transfer coefficient through the gas-liquid interface, which is a function of the
diffusion coefficient between the gas and the liquid and the thickness of the liquid film [86].

Dyp (3-72)

Combining the prior definition for k; with the correlation employed by Knochen et al [33]
the interfacial area can be estimated as a function of the packing fraction of the bed (1 — ¢5) and
the catalyst particle diameter dp

6(1 — &) (3-73)

ars =
d
P
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Furthermore, the comparison between the pseudo-reaction rate coefficient and mass
transfer coefficient is made under the assumption that the reactions occur at a pseudo-first order

reaction where the reaction rate is proportional to the Hydrogen concentration.

Ter = k'pr [H] (3-74)

3.5.8 Boundary Conditions, Solution Method and Meshing

In order to test the CFD model in predicting a single-phase (gas) flow, air at standard pressure and
temperature conditions was fed to the MCR. Two inlet velocities (0.1 m/s and 0.5 m/s) were set in
order to see their effect on the flow conditions at the channels inlet. The Reynolds numbers for the
air in the inlet pipe for these velocities were 68.5 and 342.3.

A pressure-based solver (solves for momentum and pressure as the main variables) [105];
a phase-coupled simple solver (solves for velocity and pressure at the same time) [105]; and
QUICK (Quadratic Upwind Interpolation for Convective Kinetics) interpolation method were
employed. The FLUENT CFD solver discretizes the general transport equations to be solved
numerically in a fixed number of control volumes (cells). All equations were solved iteratively and
simultaneously for each control volume, looking for the value of a particular property at the center
of each cell. The QUICK scheme fits a quadratic curve through the cell to find this value by
interpolation [94].

The running time for each simulation was between 48-72 hours each in a work station with
an Intel ® Core™ i7 CPU, 870 @ 2.93 GHz and 12 GB RAM. The determination of the model
convergence was based in the monitored scaled property residuals and mass flux conservation
report. A solution was considered converged when the velocity, momentum and species residuals
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remained unaltered after several iterations and, when the mass balance report showed conservation
between inlet and outlet flow. For the species balance the tolerance was set to 107, Prior judging
convergence of the solution a time step independent study was carried out by changing the time
step of the solution model until the solution remained constant. Additionally, after finding a
converged solution, the mesh size was varied to assure that the solution was independent of the
grid configuration. Since the channel was considered to operate under isothermal conditions, the
energy balance was not solved during this simulation.

The finer mesh, used to calculate the final results, was generated using a hex-dominant
method (hexahedral mesh) with a minimum size of 3x10* m, resulting in 276624 nodes and

234696 elements.
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4.0 RESULTS AND DISCUSSION

41  RESULTS OF THE ONE-DIMENSIONAL MCR MODEL

The objectives 1-D model for the MCR were to evaluate the possible effect of the different packing
shapes and porosities on the CO conversion for F-T synthesis; and to compare the performance of
the reactor with that of the CFD model in ANSYS Fluent.

For the first objective, the conversion of the CO was estimated as a function of the reactor
length for each packing and the results are presented in Figure 4-1. Based on these plots and the
numerical results for the CO molar conversion (calculated based on the molar flows) at the reactor
outlet for the spherical catalysts particles with high density, the conversion did not change with
the packing porosity.

Also, higher catalyst density yields a faster CO conversion rate as can be observed in Figure
4-1. The CO conversion value for the spherical catalysts was 87.81 %, whereas for the cylindrical

(extrudate) catalysts, the values were almost the same (~ 87.80 %) for all porosities used.
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Figure 4-1: Effects of catalyst shape and porosity on the CO Conversion

The pressure drop corresponding to each packing was also calculated as a function of the
channels axial length and the results are plotted in Figure 4-2. Unlike the CO conversion, the
pressure drop (difference between the pressure at the inlet and that at the outlet of the channel) is
greatly affected by the packing shape and porosity, as expected from the pressure drop model
equation. The spherical particles with a porosity of 0.260 (Spherical — 1) exhibited the highest
pressure drop of 0.92 bar. Since the model does not account for the shape effects of the particles,
the pressure drop decreased with increasing porosity and subsequently, the lowest pressure drop

was exhibited by the cylindrical particles with the highest porosity of 0.481 (Cylindrical — 4).
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Figure 4-2: Effects of catalyst shape and porosity on the pressure drop

42 RESULTS OF THE CFD MCR MODEL SIMULATIONS

4.2.1 Velocity Profile

The boundary condition for the feed gas stream is a superficial inlet velocity of 0.05 m/s. The MCR
is packed with extrudate particles with a porosity of 0.375 as given in Table 3-5. The actual inlet
velocity, calculated as the ratio between the superficial velocity and packed bed porosity, is 0.133
m/s. Along the channel the average velocity decreases until it reaches a mean actual velocity at

the outlet of 0.058 m/s (see Figure 4-3). The laminar flow profile is depicted in Figure 4-4 where
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it can be seen that the mean actual velocity profile is at its maximum at the channels center, while
it decreases towards zero in the vicinities of the channels walls due to the non-slip velocity

condition.
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Figure 4-3: Mean velocity along channels length
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Figure 4-4: Velocity profiles along the channel length

4.2.2 Pressure Drop

When implementing the pressure drop in the CFD model, both viscous and inertial coefficients
were entered into the FLUENT model. The pressure drop coefficients were calculated for a
particle diameter of 100 um and a porosity of 0.375. With these coefficients the overall pressure

drop along the channel is 0.348 bars. The pressure shows a linear decrease along the channels
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length similar to results reported in previous investigations for micro-channels [95, 96]. Figure 4-5
shows an example of the pressure drop contours along the channel of 0.15 m length. The pressure

scale units are bar.
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Figure 4-5: Pressure drop contours along the channel length
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4.2.3 Conversion, Selectivity and Yield

The percentage CO conversion for the F-T reaction system was calculated in terms on the inlet
and outlet molar flows of the CO according to the following equation:

FCO —final (4- 1)

XC0:1_ ><100%

CO—initial

The syngas (H2/CO = 2/1) inlet flow into a single channel had a density of 6.730 kg/m® and
a mean molecular weight of 10.96 kg/kmol. The total inlet molar flow for the CO was 7.785x1078
kmol/s. The flow rate at the channels outlet was determined to be 1.369x10® kmol/s. The CO
conversion for the multiple reaction system was 82.41%. Figure 4-6 illustrates the consumption of

the CO along the channel length with the decrease in the CO molar flow rate.
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Figure 4-6: Change of CO molar flow with the channel length
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In the F-T process, the desired products are typically Cs™ hydrocarbons, whereas methane
production is an undesirable. The molar flow rates of the different species at the outlet of the
channel are listed in Table 4-1. Subsequently, the calculated selectivities are 65.72 % for the Cs*

products and 16.42 % for the CHa. The Cs" yield was also determined to be 54.16%.

Table 4-1: Molar flows at the channel outlet

F-co 0.0140 mmol/s
F-h2 0.0101 mmol/s
F-H20 0.0648 mmol/s
F-c1 0.0108 mmol/s
F-ca 0.0027 mmol/s
F-cs 0.0022 mmol/s
F-c10 0.0011 mmol/s
F-c14 0.0008 mmol/s
F-coa 0.0004 mmol/s
F-total 0.1068 mmol/s

The Cs* yield was calculated as follows [97]:

Yes, = Xco (Sel)cs+ (4-2)

The effectiveness of the F-T reactions is achieved when the conversion of the reactants is
maximized to yield desirable liquid products [4]. Therefore, the scenario with higher reactant
conversion is the target. The overall H2 to CO usage ratio for the alkane reactions can be
determined from the stoichiometry, which depends on the carbon number of the product, (2n +
1)/n. The desirable products of the F-T reactions are hydrocarbons with carbon number greater
than 5 (gasolines/naphtha, diesel and molten wax). Thus, the selectivity of the F-T reactions is

useful in describing the distribution of these products.
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4.2.4 Products Distribution

The products distribution was estimated according to the products molar fractions at the outlet of
the microchannel. The components with a lower carbon number showed a higher molar fraction
than that of the heavier hydrocarbons as can be seen from the hydrocarbons molar flow rates

presented in Figure 4-7.

0.012
0010 § e
s P e
6 ---------- C1
g 0.008 &
5 G
: —=-=Cqo
o
T 0.006 Cu
C:d — -Cas
2 0.004
e T et —
0.000 i '_"—"T- -------
0.1 0.15

Length (m)

Figure 4-7: Change of the hydrocarbons molar flow rates with the channel length
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4.25 Heat Transfer Calculations

The CO molar flow rate required for each reactions was calculated based on the reactions
stoichiometry. Using the CO consumption and the individual heats of reaction, the heat released
in Joules/second (J/s) was estimated as given in Table 4-2. The total heat released by one channel
equals the sum of the heat released by all the reactions and totals -12.391 J/s. For the complete

MCR model with 50 channels, the total estimated heat release will be - 605.415 J/s.

Table 4-2: CO molar flow requirement and individual heat release per reaction

Mole flow rate of product (kmol/s) | Heat released per reaction (q) (J/s)

CHy 1.0534x10® -2.619
C4H1o 1.0532x10°® -2.177
CsHao 4.2131x10° -1.104
CioH22 1.0541x10° -2.165
CusH30 1.0541x10® -2.151
CasHso 1.0541x10® -2.173
Total Q -12.391

The inlet pressure of the cooling fluid should be the same as the reactor operating pressure,
which is 25 bar. Under this pressure, the water saturation occurs at 496.937 K with the enthalpy
of vaporization hrg = 1,838.786 kJ/kg [98]. For the required heat removal, the approximate amount
of water needed to cool a single channel is 0.473 ml/min. Under these conditions, the heat transfer
coefficient = 4,036.1 W/m?K. Actually this value is reasonable since it was reported by Wang et

al. [99] that the heat transfer coefficient in microreactors can be as high as 10,000-35,000 W/m?K.
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4.2.6 Mass Transfer Calculations

From the products molar flow rates at the outlet of the reactor, only 3 % is liquid hydrocarbons
with carbon number from Cio to Cas. If the reactor maintain this percentage of liquid during a
continuous operation, the liquid would cover the entire catalyst particles with a film having a
thickness of 80 nm.

For a bed porosity of 0.375, the interfacial area where the gas reactants diffuse is equivalent
to 37,500 m. Under these conditions and with the diffusion coefficients given in Section 3.5.7,
the mass transfer coefficients for the Hz (kis-12) and the CO (Kws-co) are calculated to be 0.569 m/s
and 0.215 m/s respectively.

As discussed in Section 3.5.7, comparing the mass transfer coefficient with the pseudo-
Kinetic reaction rate coefficient, it is possible to assess if the process is controlled by the mass
transfer or by the reaction kinetics. Figure 4-8 shows the pseudo-first order reaction rate as a function
of the channel length. Using the results obtained for the reaction rate and the Hz concentration
calculated by the model, a pseudo-first order reaction rate coefficient at every point in the channel
length was estimated as presented in Figure 4-9.

The reaction rate coefficient k'rr has a maximum value of 4.02x10° m/s at the channel inlet
and it decreases along the channel length as a consequence of the H2 consumption. Even at its
maximum point, the reaction rate coefficient is about four orders or magnitude smaller than the
mass transfer coefficients calculated for both reactants. Hence, the process is considered to be

limited by the kinetics and as such the mass transfer effects could be neglected.
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Figure 4-8: Change of the pseudo-first order reaction rate with the channel length
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Figure 4-9: Change of the pseudo-first order reaction rate coefficient with the channel length
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Figure 4-10: Change of H, concentration with the channel length

43 EFFECTS OF OPERATING CONDITIONS

The overall performance of the MCR for F-T synthesis is controlled by the operating conditions,
including inlet gas composition, temperature, pressure, and inlet gas velocity. In order to evaluate
the effects of these variables in the proposed MCR in ANSYS, the operating conditions were varied
in several simulations and the reactor performance was evaluated based on CO conversion, Cs*
selectivity, Cs" yield, maximum Kinetic rate, and overall pressure drop. The heat transfer
coefficient was also calculated for every case. The following table summarizes the operating

condition used in the simulations conducted in this study.
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Table 4-3: Simulation parameters considered for different operating conditions

Simulation Set Case Variable Constant conditions
I- Synthesis gas composition - n/eo=22 T=500K, P =25 bar,
y 9 P -2 H,/CO=1.6 Vgintet = 0.05 m/s
1-3 H,/CO=25
. Pressure " P =25 bar T =500 K, Ho/CO = 2.0,
-2 P =15 bar Vgintet = 0.05 m/s
11-3 P = 20 bar
II-  Temperature e 1=K P =25 bar, H,/CO = 2.0,
p -2 T=483.15K Vginiet = 0.05 m/s
-3 T=523.15 K
IV‘l Vgin|et= 005 m/S
IV-  Gas Inlet velocity V-2 Vgintet = 0.01 m/s P=25 l.)rai’ é—(%c}? =20,
IV'3 Vginletz 003 m/S -
IV'4 Vginletz 01 m/S

4.3.1 Effect of H,/CO Feed Ratio on the MCR Performance

Figure 4-11 through Figure 4-13, illustrate the effect of H2/CO feed ratio on the CO molar

conversion, Cs* selectivity and Cs™ products yield. As can be seen in these figures, increasing the

H2/CO ratio at the reactor inlet from 1.6 to 2.5, results in an increase of the CO conversion from

71.8 to 91.99 %. This behavior is in agreement with other investigations for F-T synthesis in

MCRs [30, 31, 33, 55, 100, 101]. Similarly, the Cs*™ products yield increased with increasing H2/CO

ratio in the inlet gas as the yield was 45.55 % for the lowest H2/CO (1.6) and 60.63 % for the

highest value (2.5). On the other hand, the Cs* selectivity remained constant at 65.72 % at different

H2/CO ratios, which could be due to the fact that the chain probability growth values were fixed

for the conditions investigated.

60




XCO (%)

SCS+ (%)

o))
o
\l

100

95

90

85

80

75

70

65

66.0

o))
o
o

65.5

-©-CO Conversion

Figure 4-11: Effect of H»/CO ratio on CO conversion

-0—-Cs+ Selectivity

Figure 4-12: Effect of H2/CO ratio on Cs. selectivity

61




65

-¢Yield

60 -

~ 55 1

>

B

>50 -

45 -

40

1 1.5 2 25 3
H,/CO

Figure 4-13: Effect of H»/CO ratio on Cs. Yield

Figure 4-14 depicts the effects of H2/CO ratio on the maximum Kinetic rate and the overall
pressure drop along the channel. As can be observed in this figure, increasing H2/CO feed ratio
slightly increases the maximum kinetic rate and the overall pressure drop. The increase of the
Kinetic reaction rate for the F-T reactions is proportional to the hydrogen partial pressure, whereas,
the increase of pressure drop is due to increased formation of liquid products with increasing Hz
content in the feed. The effect of more or less liquid production cannot be seen for a fixed product
distribution, however, the model accounts for the change of the Hz feed content in terms of reaction
rate and the effect of an increased hydrocarbons production, which results in a slight increase of

the pressure drop.
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Figure 4-14: Effect of H2/CO ratio on the (a) pressure drop and (b) maximum Kinetic rate

The heat released in the microchannel depends on the molar flow of CO consumed and the
individual heats of reactions. Since the Hz-rich gas leads to a higher CO conversion, it also affects
the overall heat transfer coefficients as its calculated values ranged from 3,473.5 to 4,492.1

W/mZ2K. Table 4-4 summarizes the results obtained for this set of simulations.

Table 4-4: Effect of varying H,/CO ratio on MCR performance

H,/CO Xco (%) Scs+(%) Yc5+(%) U(W/mZK) AP (bar) et (kmol/m3s)

1.60 69.28 65.75 45.55 3,473.5 0.334 0.518
2.00 82.41 65.72 54.16 4,036.1 0.348 0.562
2.50 92.26 65.72 60.63 4,492.1 0.386 0.594
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4.3.2 Effect of pressure on the MCR performance

In was reported in multiple studies that increasing pressure promotes CO conversion [28, 31, 59].
This is expected for the F-T synthesis since the equilibrium reactions for the paraffins and olefins
formation are favored with increasing pressure according to Le Chatelier’s principle [102]. Also,
the formation of the heavier hydrocarbons is expected to occur at higher pressures. Le Chatelier’s
principle states that if the equilibrium of a chemical reaction is altered by changing its temperature,
pressure or concentration, the system will oppose the changing conditions while trying to reach a
new equilibrium state.

Figure 4-15 through Figure 4-17 illustrate the effects of increasing pressure from 15 to 25
bar on the CO conversion, Cs* selectivity and Cs+ products yield, respectively. As can be seen in
these figures the pressure effect on CO conversion is negligible, which was not expected. It should
be noted, however, that fixing the hydrocarbons chain length for the products to be formed during

the F-T reactions appeared to limit the ability of the CFD model to predict the pressure effect.
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Figure 4-17: Effect of pressure on Cs" yield

Figure 4-18 (a) shows the maximum Kinetic rate increases with the total pressure. This is
expected because the Kinetic reaction rate for the F-T synthesis is proportional to the partial
pressure of the inlet gas. Increasing the pressure from 15 bar to 25 bar, led to increasing the
maximum Kinetic rate from 0.364 to 0.562 kmol/mqs. In addition, Figure 4-18 (b) shows that the
pressure drop along the channel remains between 0.345 and 0.365 bar with changing the total inlet

pressure from 15 to 25 bar.
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Figure 4-18: Effect of pressure on (2) the pressure drop and (b) the maximum kinetic rate

The increase of system pressure increases the synthesis gas density at the inlet of the
channel and subsequently increases the mass flow rate at a fixed superficial inlet gas velocity of
0.05 m/s. As a consequence, despite having no effect on the conversion, the amount of CO
consumed increases at high pressures. The CO molar flow rates also affect the heat released since
it is expressed per mol/s of CO consumed. Accordingly, the heat transfer coefficient at lower
pressure value is 2,492.1 W/m?K, while at higher pressure it is 4,036.1 W/m?K. Table 4-5

summarizes the results obtained for this set of simulations.

Table 4-5: Effect of pressure on MCR performance

P (bar) | Xco (%) | Scs+ (%) | Ycs+ (%) | U(W/m?K) | AP (bar) | rer (kmol/m?3s)
15.00 82.33 65.76 54.14 2,492.1 0.364 0.357
20.00 82.33 65.76 54.14 3,423.9 0.360 0.470
25.00 | 82.41 65.72 54.16 4,036.1 0.348 0.562
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4.3.3 Effect of temperature on the MCR performance

Various authors reported that increasing temperature in MCRs during F-T synthesis promotes CO
conversion [31, 33, 59]. This behavior is also found in this study as shown in Figure 4-19 through
Figure 4-21. When increasing the temperature from 483.15 to 523.15 K, the CO conversion
increases from 74.58 % to 87.45 %. The Cs* selectivity varies slightly between 63.36 % and 66.09

%, whereas the yield increases from 49.29 % to 55.41%.
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Figure 4-19: Effect of temperature on CO conversion
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Since the reaction rate is a function of temperature, at higher temperatures, higher reaction
rates are expected as shown in Figure 4-22 (a). The maximum reaction rates achieved inside the
channel is 0.353 kmol/m3s at 483.15 K and 1.044 kmol/m3s at 523.15 K. Moreover, Figure 4-22
(b) shows that the pressure drop decreases with increasing temperature. This is due to the fact that
higher temperatures favor the endothermic termination reactions in F-T synthesis, thus promoting
the desorption of the surface species leading to the formation of shorter hydrocarbon chains [4].
Moreover, the pressure drop decreases with increasing temperature since it is proportional to the
density. It should be remembered that the density of the reactants and products mixture decreases

with increasing temperature.
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Figure 4-22: Effect of temperature on (a) the pressure drop and (b) the maximum kinetic rate
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Similar to the simulations discussed above, the heat transfer coefficients increases with
increasing temperature. Actually, the calculated heat transfer coefficient is 3,668.0 W/m?K for
483.15 and is 4,192.18 W/m2K for 523.15 K. Table 4-6 summarizes the results obtained for this

set of simulations.

Table 4-6: Effect of temperature on MCR performance

T (K) Xco (%) Scs+ (%) Ycs+ (%) U( W/mzK) AP (bar) et (Kmol/mss)
483.15 | 74.58 66.09 49.29 3,667.99 0.660 0.353
500.00 | 82.41 65.72 54.16 4,036.10 0.348 0.562
523.15 | 87.45 63.36 55.41 4,192.18 0.309 1.044

4.3.4 Effect of inlet gas velocity on reactor performance

Increasing the syngas inlet velocity decreases its residence time inside the channel and as a
consequence, the short reaction time results in a decrease of CO conversion and the Cs* products
yield as shown in Figure 4-23 through Figure 4-25, respectively. In this set of simulations, the
superficial gas velocity at the channel inlet was increased from 0.01 m/s to 0.1 m/s and
consequently the CO conversion decreased from 86.98 % to 74.35% and the Cs* products yield

decreased from 58.68% to 48.26.
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The pressure drop appears to increase linearly with the superficial gas velocity as can be
observed in Figure 4-26 (a). According to the pressure drop model, if the viscous and inertial terms
of the equation are considered, the pressure drop increase should not be a linear function with the
gas velocity. Thus, the behavior shown in Figure 4-26 (a) indicates that the contribution of the
inertial forces to the pressure drop is negligible within this range of the inlet gas velocity used.

On the other hand, since the reaction rate is dependent on the amount of reactants flowing
though the reactor, increasing the inlet gas velocity from 0.01 to 0.1 m/s led to the increase of the

maximum Kinetic rate from 0.196 kmol/m3s to 0.726 kmol/m?3s as shown in Figure 4-26 (b).
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rate

Even though the CO conversion decreases with increasing the inlet gas velocity, the

amount of CO consumed was much higher at high superficial velocities due to the increased mass

flow rates. In addition, the heat transfer coefficient appear to increase from 959.3 W/m?K to

7,512.6 W/m2K with increasing the inlet gas velocity from 0.01 to 0.1 m/s. Table 4-7 summarizes

the results obtained for this set of simulations.

Table 4-7: Effect of superficial gas velocity on the MCR performance

Vs (m/s) | Xco (%) | Scs+(%0) Ycs' (%) U( W/im?K) AP (bar) | rer (kmol/m3s)
0.01 86.99 67.46 58.68 959.29 0.049 0.196
0.03 85.36 67.34 57.48 2480.77 0.201 0.457
0.05 82.41 66.80 55.05 4,036.10 0.348 0.562
0.10 75.22 64.90 48.26 7,512.58 0.749 0.726
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44  FLOW DISTRIBUTION SIMULATION

The purpose of the flow distribution simulations was to better understand the gas distribution
profile at the inlet of the MCR considering a single feed line for the reactants, and also to study
the effect of the variation of this feed rate on the distribution of the gas flow at the inlet of the
reactor. In this analysis, two flow simulations were evaluated: (1) considering a free pathway for
the gas flow with fluid inlet velocities of 0.1 m/s and 0.5 m/s; and (2) considering a fluid flow
distributor at the reactors inlet and a feed rate of 0.5 m/s. The convergence criteria for the
simulations were: (1) the steady behavior of the continuity equations, (2) the velocity and
turbulence parameter residuals, and (3) the conservation of mass and momentum equations. The
simulations were performed in two different meshes in order to insure that the results are
independence of the mesh configuration.

In the first simulation, the flow distribution profile showed (i) high velocity values at the
center of the reactor, including the inlet zone of the channels located in this area, (ii) the formation
of vortices at the sides of this high velocity area, and (iii) lower velocity values closer to the
reactor’s lateral walls. This behavior is illustrated in Figure 4-27 and Figure 4-28, which present
the velocity contour and velocity vector profiles at the gas inlet velocities of 0.1 m/s and 0.5 m/s,
respectively. As can be seen in these figures, increasing the inlet gas velocity did not have a
significant effect on enhancing the flow distribution between the reactor channels, and a similar
flow profile, marked by increased velocity at the center and strong recirculation vortices above the

channel inlets, is exhibited.
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Figure 4-27: Velocity contour and vector profiles of the flow distribution with (V-inlet= 0.1 m/s)
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Figure 4-28: Velocity contour and vector profiles of the flow distribution with (V-inlet= 0.5 m/s)

Moreover, Figure 4-29 shows the velocity contours at the channels inlet and as can be
seen, the outer channels have velocities close to 0.008 m/s, while the center channels have
velocities close to 0.02 m/s, when the gas is 0.1 m/s. Similarly, the velocities at the entrance of the
channels varies from 0.025 m/s at the outer channels and 0.25 m/s at the center channels, when the

gas is fed at 0.5 m/s.
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Figure 4-29: Velocity contours at the micro channel’s inlet

For the reactor to have an overall homogenous conversion per channel, the reactants flow
needs to be equally distributed at the channels inlets. A more homogenous flow distribution is
achieved when incorporating a set of solid spheres, which act as a flow distributor for the gas feed.
Figure 4-30 depicts the velocity profiles at the MCR entrance with the flow distributor and as can
be observed the velocity contours show that the spheres distribute the gas flow, eliminating the
high velocities at the center channels and leading to a homogeneous velocity profile. Thus, in

contrast to the previous case where the gas had a free pathway to flow, when using a flow
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distributor, all microchannels present similar inlet velocities independently of their position in the
MCR. In addition, Figure 4-31 shows that when the gas is fed at 0.5 m/s, the average velocity at
the channels inlet is 0.033 m/s. Due to the nature of the flow distributor (solid spheres) and the
rectangular geometry of the reactor, however, the space between the reactor walls and the spheres

allows for higher velocities in some of the outer parts of the channels.
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Figure 4-30: Velocity contours with flow distributor (V-inlet =0.5 m/s)
(With spheres as flow distributor)
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45 COMPARISON BETWEEN THE 1-D AND CFD MCR MODELS

The catalyst selected for the CFD model was extrudate particles with bed porosity = 0.375%. The
performances of the 1-D MCR model are compared with those obtained using the CFD MCR
model in terms of reactants and products molar flow rates, CO conversion and pressure drop as

illustrated in Figure 4-32 through Figure 4-34.
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Figure 4-32 compares the molar flow rates predicted by both the 1-D and CFD models for
H2, CO and Hz0, as can be seen in this figure the 1-D model systematically predicted steeper flow
rate profiles when compared to those of the CFD model, howeve, both models converge to the
same value at the outlet. Similar behaviours can be obeserved in Figures 4-32 and 4-33 for C1 and
the other hydrocarbon products. This difference is primarily due to the numerical methods
employed to discretize and solve each of these models, where the 1-D model employes a fourth
order Runge Kutta method, while the CFD model uses an upwind quadratic interpolation method.

For CO conversion, both models have the same syngas feed (0.074 mmol-CO/s + 0.149
mmol-H2/s), but the outlet CO flow rates differ, where the CO conversion is 87.1 % for the 1-D

model and 82.4 % for the CFD model.
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Figure 4-32: Comparison between the flow rates of H,, CO and H,O using the 1-D and CFD MCR
models
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Figure 4-33: Comparison between the C; products flow rates using the 1-D and CFD MCR models
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Figure 4-34: Comparison between the hydrocarbon products flow rates between 1-D and CFD MCR

models
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Figure 4-35 shows the pressure predictions along the channel by both the 1-D and CFD
models; and as can be seen the 1-D model systematically predicts higher pressure along the channel
than the CFD model. This is primarily due to the difference in representing the pressure drop
between the two models. In the 1-D model, the pressure drop is represented using the Ergun-type
pressure drop correlation, where the pressure drop is a function of the mean velocity along the
channel, whereas, in the CFD model, the pressure drop accounts for the velocity at each point in

the reactor when solving the momentum balance equations.
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Figure 4-35: Comparison between the pressure drop using the 1-D and CFD MCR models
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5.0 CONCLUSIONS

In this study, the performance and the flow distributions of a MCR were investigated using one-
dimensional (1-D) as well as Computational Fluid Dynamics (CFD) models. A MCR consisting
of 50 channels, each with dimensions of 10 mm x 2 mm x 150 mm packed with 100-micron cobalt
catalyst particles, operating under the low temperature F-T synthesis conditions (500 K and 25
bar) to produce mainly alkanes, was used to study the reactor performance. Both models accounted
for the F-T reaction kinetics, syngas flow rate, CO and H2 conversions, C5+ selectivity and
products yield, pressure drop, heat transfer, and system pressure and temperature. The flow
distributions, on the other hand, were investigated using another CFD model with air at 298 K and
1.01325 bar. A 50-channel MCR, each with dimensions of 10 mm x 2 mm x 40 mm and inlet zone
of 25 mm length provided with a pipe of 10 mm diameter and 25 mm length, was used in this
investigation.
The modeling results led to the following conclusions:

1. The 1-D model systematically predicted steeper hydrocarbon flow rate profiles when
compared with those of the CFD model, however, both models converge to the same values
at the channel outlet. This difference was primarily due to the numerical methods employed
to discretize and solve each of these models. The 1-D model used a fourth order Runge

Kutta method, whereas, the CFD model used an upwind quadratic interpolation method.
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For one channel (10 mm x 2 mm x 150 mm) of the MCR, both the 1-D and CFD models
indicated that increasing the H2/CO ratio of the syngas feed, increased the CO conversion,
C5+ products yield, pressure drop, F-T reaction rate and the heat transfer requirements.
Increasing the inlet syngas velocity to the channel decreased the CO conversion and
linearly increased the pressure drop. Also, increasing temperature, increased the F-T
reaction rate, CO conversion and the C5+ products yield, and decreased the C5+ selectivity
as well as the pressure drop.

Under the operating conditions investigated, the F-T process in the MCR used was found
to be kinetically-controlled.

The CFD model used to investigate the flow distribution at the MCR inlet showed that in
the absence of gas distributor, a strong flow distribution imbalance existed among the
channels, with the central ones having significantly higher velocities than those of the
lateral ones. Increasing the inlet gas velocity did not have any significant effect on the flow
distribution and a similar flow profile, marked with increased velocity at the center and
strong recirculation vortices above the channels inlet, was found.

The use of a flow distributor, made of two rows of glass spheres with diameters between
0.5 mm and 2 mm placed 5 mm above the microchannels inlet, resulted in homogenous
flow profile and better gas distribution among the channels and eliminated the strong gas

recirculation.
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APPENDIX

OTHER EXPERIMENTAL INVESTIGATIONS USING MCR

Table A-5-1 Other Experimental investigations using MCRs

Reference Process Studied Reactor Dimensions
Antes et al., 2003 | Analysis of the products from the nitration reaction of toluene in micro | 9 Silicon micro channels of 250 um width.
[51] reactors was performed. Micro-reaction process was coupled with high

performance liquid chromatography analysis, and online infrared
analysis. The selectivity and performance of the micro-reactors was
evaluated in terms of the production of mono-nitrotoluenes.

Gorges et al., Kinetics and mass transfer parameters were studied for the 4- The body of the reactor was made out of ceramic.
2004 [54] chlorophenol undergoing decomposition via a photocatalytic process It had 14 process channels that were coated by a
in a microchannel reactor. The catalyst used was TiO, which was Titanium layer and later by the photocatalytic film
deposited in the channels surface by anodic deposition. of TiO..
Tonkovich etal., | The commercial application of micro reaction technology for The reactor is divided in three sections for the
2004 [103] hydrogen production is tested. Methane conversion and combustion reactants-product stream and two sections for the
performance is evaluated, as well as CO selectivity and temperature fuel stream.
profiles.
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Table A-5-2 Other Experimental investigations using MCRs (continued)

Reference

Process Investigated

Reactor Dimensions

Cao &
Gauvriilidis, 2005
[50]

The catalytic dehydrogenation of methanol in the presence of high
oxygen concentrations was studied in a micro structured reactor. The
performance of the reactor was studied under different temperature,
reactants concentration and residence times.

Silicon glass micro-reactor with channels of 600
um wide and a varying reaction zone between 20-
200 mm long.

Yeung et al., Condensation reaction between benzaldehyde and ethyl cyanoacetate | Varied channels width: 150, 300 and 900 pm.

2005 [47] was studied using two micro-reactors configuration, a packed bed Catalyst coating and membrane thickness: 6-30
membrane reactor and a catalytic membrane reactor. pm.

Ge et al., 2005 Use of microreactor to study the effect of temperature and space Square packed bed channels with cross-sectional

[41] velocity on the gas phase partial oxidation of toluene over V/Ti area: 1 mm?. Catalyst particles with:
catalyst beds. dp, (um): 300-600

Gorke et al., Methanation reaction in the presence of oxygen for selective removal 17 slots of 600 um width and 150 um height

2005 [49] of CO from a gas mixture was evaluated using micro reaction engraved in 27 stainless steel foils formed the
technology. Micro-channels were coated with RU silica based and process reaction channels. Each foil was 20 mm
alumina based catalyst. The performance of the different catalyst was | wide x 789 mm long. Channel volume was 3222
studied for different reaction temperatures, residence time and inlet mm? and the coated catalyst surface was 27167
gas composition. mm?.

Walter et al., Three different types of reactors were evaluated using the catalytic The metal reactor was forms by six aluminum

2005 [36] selective oxidation of isoprene as a model reaction. The performance plates of 40 mm x 40 mm x 0.5 mm each. The

of a ceramic fixed bed reactor, metal micro-channel reactor and a
ceramic micro-channel reactor was compared.

outer dimensions were 70 mm x 70 mm x 15 mm.
Channels had an inner diameter of 280 um and
were 20 mm long. The ceramic micro-reactor had
an outer dimension of 26 mm x 70 mm x 8 mm,
with 16 micro-channels of square cross section
(500 um x 500 pm).

Wiles et al., 2005
[48]

Micro-reaction technology was tested for a series of organic reactions
with Enolates. The chemical mechanisms investigated were: acylation,
aldol alkylation, Michael addition and Knoevenagel condensation. The
performance results were compared to conventional Batch process in
order to establish potential advantages of micro devices for synthetic
organic reactions.

Two types of reactors were use depending on the
type of flow. For electroosmotic driven flow the
reactors volume was: f 2.5 cm x2.5 cm x2.0 cm.
While for pressure driven flow the reactors
volume was: 2.5 cm x2.5 cm x0.6 cm. For both
cases the channels cross sectional length was
between 10-500 pm.

87




Table A-5-3 Other Experimental investigations using MCRs (continued)

Reference

Process Investigated

Reactor Dimensions

Zhao et al., 2005
[32]

Three different processes were investigated using microchannel
reactors: Cyclohexene conversion to benzene and cyclohexane;
Fischer Tropsch synthesis to produce heavy alkanes and, preferential
oxidation of CO in hydrogen fuel cells. The performance of platinum
and silica catalyst was evaluated over different reactions conditions
comparing two types of catalyst preparations and coatings.

Reactors outer dimension was 3.1 x 1.6 cm.
Reaction area dimension was: 1.3 cm x 1.2 cm.
Channels dimension: 5-50 um width and 100 um
length. The channels had a

Flogel et al.,
2006 [42]

The synthesis of peptides was evaluated using a silicon microchannel
technology. Its performance was compared with typical synthesis
processes as solution phase and solid phase couplings.

Total reaction volume was 78.3 pL with a mixing
zone of 9.5 pL. and a Reaction loop of 68.8 pL.

Fan et al.,2007
[43]

Microscale combustion of methane was evaluated using cylindrical
microchannel. The combustion and flame stability was investigated
varying the channels width, fuel and oxidants mixture composition and
inlet velocity.

The channel was formed by two circular quartz
plates 50 mm long. Channel width was varied
between 0.5 to 3.0 mm.

Halder et al.,2007
[52]

An experimental study of the nitration of toluene in microchannel
structures was carried out. The influence of the reaction temperature,
acid concentration, and residence time in the production of nitrotoluenes
was evaluated.

Stainless steel reactor with an inner diameter of
775 um. Channels were packed with catalyst up to
a packing length of 6.0 cm. The total length of the
reactor was 8.0 cm. Catalyst particle diameter was
between 75- 150 pum.

Horii et al.,2007
[53]

A microfluidic device was tested in order to improve the selectivity of
amodel anodic substitution reaction. The system studied was the anodic
oxidation of N-pyrrolidine with allyltrimethylsilane. The reactor was
operated in a parallel laminar flow mode and the conversion of the
pyrrolidine and the yield of the desired product were calculated.

The body of the reactor was formed by the union
of a platinum plate (3 cm wide x 3 cm long) and a
glass plate with the same length and a width of 2.6
cm. The open channel was 1 cm wide, 10 pm deep
and 6 cm long.

Williams and
Mayor, 2010 [45]

Fast pyrolysis of wood was studied employing a new micro-reactor
design to improve temperature control and product yield. The design,
experimental results and reactors performance were validated against
existing pyrolysis data from fluidized bed reactors.

Semi continuous micro-reactor with a processing
capacity of 50-70 mg of solid biomass.
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