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Membrane Modeling for Post-Combustion Carbon Capture and Direct Ocean

Capture

Joanna Rosa Rivero, PhD

University of Pittsburgh, 2023

The aim of this thesis is to use readily available carbon capture technology to fur-

ther advance the carbon capture research field in order to mitigate global warming effects.

Specifically, membranes have been deployed at a pilot scale for carbon capture for pre- and

post-combustion carbon capture. This thesis organizes current computational models for

post-combustion carbon capture and builds upon and applies these modeling approaches for

novel carbon capture applications such as direct ocean carbon capture. First, a thorough

literature review organizing hollow fiber membrane contactor models for post-combustion

carbon capture was discussed to provide a rigorous comparison of state-of-the-art 1D and 2D

models. Approaches to ease computational time and effort for 3D models were suggested as

well. Using the information from the review, a study using hollow fiber membrane contactors

for direct ocean carbon capture research was conducted consisting of experimental testing,

1D modeling of a hollow fiber membrane contactor, and finally a techno-economic analysis

of a pilot scale system. The study discovered that while hollow fiber membrane contactors

can be used to separate CO2 from seawater, the technology needs to be further developed

to become economically competitive. Finally, a flat sheet membrane model was developed

that represents Membrane Technology Research’s (MTR’s) latest membrane currently un-

dergoing pilot testing. This model accounts for channel size distributions that result from

realistic manufacturing conditions. It was found that non-uniform channel heights affect the

overall performance of a flat sheet membrane for gas separation. However, both membrane

configurations were equally affected when comparing these non-uniform geometric conditions

against a hollow fiber membrane for gas separation. Therefore, one should choose a membrane

configuration based on the unique advantages discussed throughout this thesis.

Keywords: membrane modeling, carbon capture, gas separation, ocean capture.
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1.0 Introduction

1.1 Executive Summary

The goal of this thesis is to develop membrane models for novel carbon capture applications,

ranging from post-combustion pilot testing to ocean carbon capture. This Ph.D. thesis first

reviews and organizes membrane contactor models for post-combustion carbon capture

(first-author published review paper, discussed in Chapter 2). This review paper provided a

rigorous comparison of state-of-the-art 1D, 2D and 3D models for post-combustion carbon

capture membrane contactors. Chapter 3 illustrates using hollow fiber membrane contactors

for direct ocean carbon capture research (first-author manuscript currently under review).

The direct ocean carbon capture project consists of 3 completed tasks to test the feasibility of

the system: experimental testing, 1D model of a hollow fiber membrane contactor, and finally

a techno-economic analysis of a pilot scale system. Finally, Chapter 4 discusses the developed

flat sheet membrane model that represents Membrane Technology Research’s (MTR’s) latest

membrane currently undergoing pilot testing (published, first-author paper). This model

accounts for channel size distributions that result from realistic manufacturing conditions.

This work is funded by NETL’s Carbon Capture Simulation for Industry Impact (CCSI2)

program.

1.1.1 Intellectual Merit

Membrane modeling is necessary for the carbon capture field as it enables lab-scale

membrane research to transition to pilot scale and then to full-scale adoption. The first

portion of the thesis provides a literature review and analysis of state-of-the-art modeling

techniques to simulate hollow fiber membrane (HFM) contactors for carbon capture in

1D, 2D and 3D. This review paper provides a detailed comparison of the assumptions

needed to successfully model carbon capture membrane contactors, which is a much-needed

contribution to the research field of carbon capture membrane modeling. The direct ocean
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capture membrane model, presented in Chapter 2, is the first of its kind to use liquid solvent

membrane contactors to remove CO2 from seawater. While the impact of CO2 on marine

ecosystems is well-understood, preventative methods to reduce or reverse ocean acidification

through carbon capture are few to none. This project will study direct ocean carbon capture

using hollow fiber membranes and pioneer a new field of research through experiments and

numerical models. In addition, the flat sheet membrane model developed (Chapter 4) is the

first flat sheet membrane model to account for manufacturing variability in channel size. This

model will enable us to determine the impact of manufacturing variability on CO2 separation

performance, which enables researchers to better compare flat sheet membranes to hollow

fiber membranes. The results of that work will help membrane technology companies (e.g.

MTR) to determine which membrane design is optimal for their carbon capture application.

1.1.2 Broader Impact

These projects will fundamentally benefit society by progressing the current state of

membranes for carbon capture. The review paper assists with accelerating the adoption of

hollow fiber membrane contactors for post-combustion carbon capture and provides structure

to the modeling field. I applied these membrane modeling approaches to the emerging field

of direct ocean capture to demonstrate a novel approach for removing CO2 from seawater.

The long-term goal of this project is to incorporate this technology into coastal systems to

maintain healthy pH levels for high-risk ocean ecosystems (e.g. coral reefs, shellfisheries) while

simultaneously performing negative emissions. Finally, the flat sheet model was developed for

MTR, a leading company in membrane carbon capture, to aid with pilot testing their newest

membrane technology and accelerate their product development to the market. This work

helped predict accurate performance due to the incorporation of manufacturing malfunctions

and essentially, accelerated pilot testing and minimized costs. These projects presented here

have resulted in publications that accelerate research and technology in the carbon capture

field, which is a vital research area to minimize global warming.
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1.2 Publications

Published

1. Rivero, Joanna R., Panagakos, Grigorios, Lieber, Austin, and Hornbostel, Katherine.

“Hollow Fiber Membrane Contactors for Post-Combustion Carbon Capture: A Review

of Modeling Approaches.” Membranes, 10, 12, 2020, 382.

https://doi.org/10.3390/membranes10120382

• Featured in press release by University of Pittsburgh

• Chapter 2 in this PhD Thesis

2. Rivero, Joanna R., DaConceicao Acosta, Marcos, Hornbostel, Katherine, Lipscomb,

Glenn. ”Modeling gas separation in flat sheet membrane modules: Impact of flow

channel size variation. Carbon Capture Science & Technology. March, 2023

https://doi.org/10.1016/j.ccst.2022.100093

• Chapter 3 in this PhD Thesis

Submitted for Review

3. Rivero, Joanna R., Snodgrass, Christoper, Lieber, Austin, Hildebrandt, Donna, Horn-

bostel, Katherine. ”Demonstration of Direct Ocean Carbon Capture Using Hollow Fiber

Membrane Contactors.”

• Submitted to Renewable & Sustainable Energy Reviews on October 14, 2022.

• Chapter 4 in this PhD Thesis

4. Leiber, Austin,Rivero, Joanna R., Davidson, Shanna, Hildebrandt, Donna, Snodgrass,

Christopher, Niepa, Tagbo, Hornbostel, Katherine. ”Demonstration of Direct Ocean

Carbon Capture Using Encapsulated Solvents.”

• Submitted to Renewable & Sustainable Energy Reviews on October 14, 2022.

Finishing Draft

5. DaConceicao Acosta, Marcos, Rivero, Joanna R., Hornbostel, Katherine, Lipscomb,

Glenn. ”Membrane Gas Separations Module Modelling: A Comprehensive Review.”
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2.0 ”Hollow Fiber Membrane Contactors for Post-Combustion Carbon

Capture: A Review of Modeling Approaches”

Hollow fiber membrane contactors (HFMCs) can effectively separate CO2 from post-

combustion flue gas by providing a high contact surface area between the flue gas and a

liquid solvent. Accurate models of carbon capture HFMCs are necessary to understand the

underlying transport processes and optimize HFMC designs. There are various methods

for modeling HFMCs in 1D, 2D, or 3D. These methods include (but are not limited to):

resistance-in-series, solution-diffusion, pore flow, Happel’s free surface model, and porous

media modeling. This review paper discusses the state-of-the-art methods for modeling carbon

capture HFMCs in 1D, 2D, and 3D. State-of-the-art 1D, 2D, and 3D carbon capture HFMC

models are then compared in depth, based on their underlying assumptions. Numerical

methods are also discussed, along with modeling to scale up HFMCs from the lab scale to

the commercial scale.

Figure 1: Graphical abstract highlighting the modeling dimensions that can be applied to

simulate a hollow fiber membrane contactor. The manuscript specifically shows the modeling

dimensionality for carbon capture from flue gas (blue) using absorption processes (solvent is

shown in green).
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2.1 Nomenclature

Subscripts Variables

l liquid k resistance

m membrane D diffusion coefficient

g gas ε porosity

ov overall τ tortuosity

eff effective δ thickness

i inner d diameter

o outer L length

h hydraulic E enhancement factor

w liquid pore C concentration

f membrane pore R fixed radius

max maximum rA reaction rate constant

r radial coordinate φ volume fraction

CO2 CO2 in a domain γ surface tension

θ tangential m solubility of CO2

z axial coordinate V volume

avg average κD Darcy permeability

A component κ1 inertial permeability

rxn reaction x∗ wetting ratio

t time v velocity vector

i domain v̇ volumetric flow rate

th thermal η effective capture ratio

j species a interfacial area

H Henry’s constant

Acronyms P partial pressure

HFM Hollow fiber membrane B pore geometry coefficient

HFMC HFM contactor T temperature

CC Carbon capture θ contact angle

PCC Post-combustion carbon capture n number of fibers

RIS Resistance in series ρ density

MTC Mass transfer coefficient µ viscosity

CFD Computational Fluid Dynamics g gravity

ṅ molar flow rate

∂ partial differential

△ difference

b body force vector

L gradient of velocity

f constitutive parameter
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2.2 Introduction

In 2018, the Intergovernmental Panel on Climate Change issued a report detailing the

irreversible impact of a global temperature rise of 1.5 ◦C [12]. Though many countries are

transitioning towards clean energy, a complete infrastructural shift from fossil fuels may take

several decades. Carbon capture technology is critical to bridge the gap during this transition.

Furthermore, natural gas plants may be necessary long-term to provide cheap baseload power

to supplement intermittent renewable sources. Coal-fired and natural gas power plants in the

United States are a target market for carbon capture (CC). This is because coal-fired power

plants contribute 973 Million metric tons (MMmt) of CO2 to the atmosphere annually [142],

and natural gas power plants contribute about 619 MMmt [71]. State-of-the-art methods

for power plant CC include (but are not limited to): physical and chemical solvation and

adsorption, cryogenic separation, and membrane separation [69, 254]. Membrane-based

methods offer several distinct advantages, including: minimal energy input, smaller unit

footprint, ease of retrofit and replacement, quick response to power plant dynamics, and

environmental friendliness.

Most membrane CC technologies flow power plant flue gas on one side and pull a vacuum

on the other side to drive CO2 diffusion. These membrane systems often pressurize the flue

gas before it reaches the membrane to raise the CO2 partial pressure difference across the

membrane, which increases the rate of CO2 diffusion. Pressurizing the flue gas, however,

is energy-intensive and raises operating costs. Conventional CC membranes consist of a

selective layer on top of a porous support layer to prevent nitrogen and other gaseous species

from crossing over with the CO2 [68]. These selective layers, however, raise the membrane

cost and lower the flux of CO2 because they add resistance to CO2 transport.

One alternative design to conventional CC membranes is the membrane contactor, which

enables gas exchange between two fluid streams [156]. Membrane contactors use a fluid sweep

instead of a vacuum to drive CO2 across the membrane. Membrane contactors that use a

liquid solvent sweep are particularly effective because the solvent is selective to CO2 over

other gas species. This means that the membrane does not need a selective layer to block

other gases, which can lower membrane cost and boost CO2 flux.

Many gas-liquid membrane contactors use carbon capture solvents, which react with CO2,

driving more CO2 across the membrane. Although energy is required to then strip CO2 from

the solvent in a regeneration process, gas-liquid membrane contactors have several competitive

advantages over other membrane configurations: no need to pressurize the flue gas (which

requires a lot of energy), higher CO2 fluxes, no selective layer, and independent flow regulation

[24]. Another advantage for membrane contactors is that the mass transfer resistance from

the membrane is minimum in comparison to the gas and liquid mass transfer resistance.

However, if membrane wetting occurs, the mass transfer resistance on the membrane increases

and result in poor separation performance [24]. Gas-liquid membrane contactors used in
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post-combustion carbon capture (PCC) are the focus of this review paper.

The membrane in a membrane contactor is generally thin and has a high surface area per

unit volume to promote CO2 transfer. Material selection is half of the challenge when designing

a CC membrane contactor. The optimal materials for a CC membrane depend on the makeup

and flow rate of the feed gas, system operating conditions, and separation requirements [109].

Although membrane contactors do not require a selective layer (because the solvent is already

selective to CO2), they often require a thin coating to prevent membrane wetting. The main

membrane material must also be designed to withstand prolonged contact with flue gas and

with the solvent of choice. Many experimental studies have been conducted to study the

performance and lifespan of different membrane material and solvent combinations. Tables

1 and 2 cover several common solvents and membrane materials used in PCC gas-liquid

membrane contactors [247].

It should be noted that both physical and chemical solvents are used in the field of CC.

For the physical solvent, there is no chemical reaction as the system is based purely on gas

solubility. However, once a chemical solvent is added to the system, there is a chemical

reaction on the solvent side. Although this review paper focuses primarily on modeling

membrane contactors, other review papers have done a comprehensive job of comparing

membrane materials and physical and chemical solvents [24, 118, 109, 108, 42]. The reaction

modeling for membrane contactors using solvents will not be discussed in this review paper.

However, the papers cited in Table 1 provide a good starting point for modeling reaction

chemistry for these common solvents. Common membrane materials are shown in Table 2.

Table 1: Summary of common solvents used in hollow fiber membrane contactors (HFMCs)

for CO2 separation from flue gas.

Water (H2O) [8, 80, 33, 34]

Monoethanolamine (MEA) [80, 34, 35, 50, 81, 130, 79, 220, 186]

Diethanolamine (DEA) [252, 95, 231, 186]

Sodium Hydroxide (NaOH) [64, 159]

Methyldiethanolamine (MDEA) [200, 217, 114]

Table 2: Summary of common membrane materials used in hollow fiber membrane contactors

(HFMCs) for CO2 separation from flue gas.

Polypropylene (PP ) [8, 252, 95, 79, 65]

Polytetrafluoroethylene (PTFE) [80, 130, 162]

Polyvinylidene fluoride (PV DF ) [50, 252, 82, 79, 172, 60, 159]

Polymethylpentene (PMP ) [50]
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Carbon capture membrane contactors come in many configurations: tubular/hollow-fiber

[67], spiral wound [100], and flat sheet [40]. A common geometric configuration used in PCC

is the hollow fiber membrane contactor (HFMC), and this particular design will be the focus

of this review paper. HFMCs consist of many long, narrow, hollow fibers packed into bundles.

HFMCs are manufactured by first creating a woven fabric-like bundle using a rotating wheel

[165]. The ends of the bundle are then fused shut and undergo centrifugal potting to form

a tubesheet. This tubesheet’s ends are then cut to recreate open-ended fibers. The bundle

with tubesheet ends is then placed inside a case that has two ports for the permeate fluid

and two headers at each end for the inside of the hollow fiber, known as the lumen access

port [230]. HFMCs for PCC systems are relatively inexpensive, have a high surface area per

unit volume, and are easy to seal, preventing leakage. HFMCs are also relatively easy to

model compared to other CO2 separation methods due to their simple geometry and flow

configuration. HFMCs are commonly operated in a counter-flow configuration (where the

sweep gas or solvent runs in the opposite direction that the exhaust gas flows). However,

they can also be operated in co-flow (where sweep runs in the same direction to the exhaust)

or in cross-flow (where sweep runs perpendicular to the exhaust), as seen in Figure 2.

Figure 2: Illustration of flow patterns of a gas-liquid HFMC for post-combustion carbon

capture (PCC) (a) counter-current flow, (b) cross-flow, and (c) co-current flow.

A common performance metric for HFMCs is the percentage removal rate, defined as

follows [79, 216]:

% removal of CO2 = 100

(
1− CCO2,outlet

CCO2,inlet

)
= 100

(
(ṅ)inlet − (ṅ)outlet

(ṅ)inlet

)
, (2.1)

where ṅ[mol
s
] is the molar flow rate defined as the volumetric flow rate times the concentration,

v̇CCO2 , or, in a more general sense,
∫
S
uC dS⃗. Another common performance metric in CC

HFMCs is the effective capture ratio, η, which is a function of interfacial area, a[m2], gas

velocity vg[
m
s
], fiber length, L[m], and the inverse of the CO2 transfer time, K [255]:

η = 1− exp

(
−KaL

vg

)
. (2.2)

There are already several review papers on the topic of HFMCs for PCC. An in-depth

explanation of gas-liquid HFMCs is offered by Gabelman et al., who address theoretical and
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design considerations, mass transfer performance and applications [90]. Ji et al. give a more

recent theoretical and application-specific review on membrane-based technology, including

HFMCs [120]. Optimization methods, experimental approaches, and energetic and economic

evaluations have been performed on HFMCs to stress the highest packing density and lowest

cost in comparison to other configurations [233]. Other HFMC review papers have focused

on scale-up and industrial application of HFMC CO2 capture technology [183, 174, 145, 24].

Some review papers also cover wetting effects and mass transfer correlations in 1D and 2D

only [56, 50, 255].

These state-of-the-art HFMC review papers also focus on experimental work. A major

challenge with performing experimental studies in this field is that it is difficult to translate

bench-scale results to a commercial system, particularly when experimental studies do not

report costs or system configurations [132]. It often takes over a decade to translate lab-scale

technology to commercialization, and this process often requires multiple rounds of expensive

pilot testing at facilities like the National Carbon Capture Center (NCCC) [182]. Modeling

is necessary to expedite this scale-up process and guide experimental design to save time and

money. Furthermore, experiments conducted in this field are often tailored to a unique set of

membrane materials and operating conditions. This makes it challenging to compare reported

experimental results or determine the optimal membrane contactor design. Modeling is needed

to bridge this gap between disparate experimental results and determine the optimal design.

Modeling and optimization can help minimize the many costs associated with membrane

contactor systems (e.g., membrane materials, manufacturing, and operating costs [110]).

This paper offers a comprehensive review of modeling studies to date for gas-liquid

HFMCs for PCC. The purposes of this review are: (1) to present the current field of HFMC

carbon capture modeling, (2) to compare 1D, 2D, and 3D HFMC modeling approaches, and

(3) to identify areas for future research in HFMC modeling. The paper is organized into

1D, 2D, and 3D modeling sections. These sections are followed by a section comparing the

1D, 2D, and 3D modeling approaches. Finally, numerical approaches and modeling to assist

scaling up HFMC technology are discussed.

2.3 Fundamental Theory

Before presenting the theory of 1D, 2D, and 3D modeling, this section will briefly cover

the governing equations and constitutive laws used to model HFMCs that can be found in

related transport textbooks [27]. This is to stress the need of understanding the fundamentals

of mass transport for successful modeling.
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2.3.1 Constitutive Laws

The constitutive laws are needed to derive the relevant governing equations for a complete

mass transfer analysis. These laws provide micro scale analysis (e.g., describe the molecule

interaction) for a complete macro scale analysis (e.g., describe the bulk interaction). The

constitutive laws are based on Fick’s first law of diffusion (Equation (2.3)), and the strain-rate

relationship (also known as Newton’s law of viscosity):

Jj = −Dj∇Cj, (2.3)

τ = −µ(∇v + (∇v)⊺) +

(
2

3
µ− κ

)
(∇ · v)δ. (2.4)

Fick’s first law of diffusion is defined based on the diffusion coefficient, D[m
2

s
], the

concentration, C[mol
m3 ], and the species, j. Newton’s law of viscosity is defined based on the

viscous momentum flux tensor, τ [Pa], the velocity vector, v[m
s
], the fluid viscosity µ[Pa · s],

and the unit tensor, δ. Previous work also assumes monatomic gases at low density, making

the dilatational viscosity, κ, equal zero.

In the case heat transfer is being considered, Fourier’s law should be considered to derive

the thermal energy equation:

q = −k∇T. (2.5)

For Equations (2.3)–(2.5), the material properties do not have to be constant and can be

functions of parameters of the system, such as temperature, concentration, and pressure.

2.3.2 Governing Equations

The governing equations of motion used throughout this analysis are the conservation

of mass, linear momentum, convection–diffusion, and energy equations [219, 224, 163]. The

conservation of mass equation, also known as the continuity equation for species, is derived

from Fick’s first law of diffusion (Equation (2.3)).

∂Cj

∂t
+∇ · (Cjv) = rj + f. (2.6)

Equation (2.6) considers the concentration, C[mol
m3 ]; the velocity vector, v[m

s
]; the reaction

rate, rj[
mol
m3s

]; and a constitutive parameter, f , as a function that is to be determined by the

constitutive theory [163]. The equation of motion in terms of the viscous momentum flux

(Equation (2.4)) and the continuity equation (conservation of mass) is shown below:

ρ
Dv

Dt
= ∇ · τ + ρb, (2.7)
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∂ρ

∂t
+∇ · (ρv) = 0, (2.8)

where D
Dt

is the substantial time derivative, given by: ∂
∂t
+∇( )v. b is the body force vector,

v[m
s
] is the velocity vector, and ρ[ kg

m3 ] is the density. Equation (2.7) can be derived if Equation

(2.6) is written in a per mass basis and summed over all species j.

In the case where non-isothermal conditions are considered, the energy equation, derived

from Equation (2.5), should also be included in the transport analysis [52].

ρ
Dϵ

Dt
= τ :L−∇ · q + rrxn∆HrxnM. (2.9)

Equation (2.9) includes the substantial time derivative, D
Dt
; the specific internal energy, ϵ;

the gradient of the velocity, L; the heat flux vector from Equation (2.5), q; and the total

reaction rate rrxn[
mol
m3s

], multiplied by the enthaply, ∆Hrxn[
J
kg
]; and the molecular weight,

M [ kg
mol

].

2.4 One-Dimensional Modeling

Dimensionality reduction is a convenient, established, and powerful method for simplifying

the system of the coupled partial differential equations (PDEs) that need to be solved for an

adequate modeling representation of physico-chemical phenomena and devices, decreasing

drastically the computational cost of any numerical implementation. If symmetry around an

axis along the longitudinal direction of a HFMC can be justified, a 3D hollow fiber can be as

reduced and effectively studied by a 2D model, where angular variations can be ignored for

both concentration and velocity, e.g., Reference [217, 215, 198, 220, 184, 189, 4, 92]. Further

simplification can be achieved, if translational invariance for the fluid flow is also imposed

upon our model along the longitudinal direction, making the axial component of the velocity

dependent only on the radial coordinate [43]. An additional reasonable assumption can

also be made based on the fact that the dominant component of the mass-transfer driving

force, is usually perpendicular to the direction of the flow [27]. All the above taken together,

result in an 1D model, where angular and axial variations of mass transfer can be neglected

[236]. This section focuses on 1D models of carbon capture HFMCs. As shown in Figure

3, the radial dimension, or r, is typically the one dimension that is resolved in 1D HFMC

models [33, 35, 95]. Although the flue gas and solvent streams can flow on either side of the

fiber, we assume in Figure 3 and the following equations that solvent flows on the tube-side

and that flue gas flows on the shell-side, like, for example, in Reference [215]. All theory

presented in this paper will consist of three domains: the tube, membrane, and shell domains.

One-dimensional models of HFMCs should either include a mass transfer coefficient or a

model that describes the permeate(s) passing through the membrane. This section will focus
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first on using the resistance-in-series method to calculate mass transfer coefficients. The

solution-diffusion and pore flow models will then be discussed briefly.

Figure 3: Graphic of the one-dimensional modeling framework for a gas-liquid HFMC.

The radial dimension is the one dimension of interest; variations in the axial and angular

dimensions are not taken into account. Liquid solvent flows through the inside or ”tube-side”

of the fiber, while flue gas flows outside or on the ”shell-side” of the fiber.

2.4.1 Resistance-In-Series (RIS) Model

The resistance-in-series (RIS) approach is often used to model the overall mass transfer

coefficient (MTC) of individual fibers. For the purpose of this review paper, the RIS model

will be considered as a 1D model with the mass transfer occurring in the radial direction.

The RIS method is widely applicable to HFMC models and can even be used to model

multi-stage HFMCs and a range of flow patterns [32, 35]. It is a simple, effective means of

determining the rate of CO2 transfer in HFMCs. The RIS method relies on mass transfer

resistances, which are analogous to electrical resistors wired in series [111]. RIS is a simple

method that breaks down the mass transfer process in a carbon capture HFMC into a series

of steps: CO2 diffusion through the gas, CO2 diffusion through the membrane, and CO2

diffusion through the liquid (as shown in Figure 4). The RIS model for HFMCs is derived

from double-film theory, where two fluids (i.e., two films) are considered with a membrane in

between [156]. The double-film theory describes mass transfer resistance at the interface(s),

or “film(s)”, of the liquid, porous media, and gas phases [50]. Figure 4 illustrates the mass

transfer through a non-wetted porous membrane for the three domains, where PA is the

partial pressure of component A in the gas phase, and CA is the liquid concentration of

component A.
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Figure 4: A resistance-in-series (RIS) illustration for CO2 crossing a membrane in a HFMC.

There are mass transfer resistances associated with the gas phase, the membrane, and the

liquid phase. Each resistance can be expressed as the inverse of the mass transfer coefficient for

that phase. The layers included to accomplish this analysis are the gas, gas film, membrane,

liquid film, and liquid.

The RIS model calculates the overall mass transfer coefficient (MTC) that is needed to

calculate the flux:

JCO2 = kov∆CCO2 . (2.10)

The following assumptions and law’s are used to derive the overall MTC (kov[
m
s
]) [20]. A

phase equilibrium is assumed at the gas-liquid interface. Fick’s first law of diffusion (Equation

(2.3)) and Henry’s law (Equation (2.11)) for gas-liquid systems are also applied to derive the

final flux equation:

H =
CCO2,l

PCO2,g

. (2.11)

Equation (2.3) is Fick’s first law of diffusion, where the flux is defined as the moles of

a species moving past a region over a given length. Equation (2.11) shows the relationship

between the concentration of CO2 and the partial pressure of CO2. This relationship produces

Henry’s constant, H, to account for physical solubility of CO2 at the gas-membrane interface.

Luis et al. [156] goes through the steps of applying these assumption’s and law’s to derive

the overall MTC and the final flux equation (Equation (2.10)).

With each layer that CO2 diffuses through in Figure 4, the mass transfer resistance of

that layer is the inverse of the mass transfer coefficient of that layer (Ri = 1/ki). Henry’s

constant (H) must also be included in the domain interface resistance to account for solubility
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of gas in the liquid phase. The overall MTC can then be determined by summing these three

resistances, as shown in Equation (2.12):

1

kov
=

1

kl
+

1

km
+

H

kg
. (2.12)

Equation (2.12) expresses the overall MTC, kov[
m
s
], as a function of the MTCs of the

liquid, membrane, and gaseous phases: kl, km, and kg, respectively [167, 206, 203]. The

membrane MTC, km, is determined by Equation (2.13):

km =
Deff

δ
, (2.13)

where the effective diffusivity in the membrane, Deff = DCO2

ε
τ
, is defined as the ratio of the

porosity to tortuosity of the membrane in [m
2

s
], and δ[m] is the thickness of the membrane

[177]. Deff is determined using the Fickian, Maxwellian (if it is a multi-component system),

and Knudsen gas diffusion coefficients [136]. The gas- and liquid-layer MTCs, kg and kl, are

determined using the following correlations:

kg =
ShDCO2,g

dh
, (2.14)

kl =
ShDCO2,l

di
, (2.15)

where Sh is the Sherwood number, di[m] is the inner fiber diameter, and DCO2,g and DCO2,l

are the diffusivities of CO2 in the gas and liquid domains, respectively, in [m
2

s
]. Equations

(2.14) and (2.15) assume that liquid flows inside the fibers while gas flows on the shell side,

as shown in Figure 3. If gas is flowing on the tube side and gas through the fibers, then the

di and dh terms in these equations need to be swapped. The gas and liquid MTCs should

be modeled with respect to the system setup to consider the correct diameters (di or dh).

There is no standard for where the solvent should flow (either the tube- or shell-side), but

the hydraulic diameter should be modeled accordingly. Zhao et al. discuss the advantages

and disadvantages of modeling the solvent on the tube- and shell-side [255].

The following correlations proposed by Yang and Cussler can be used to determine

the Sherwood number for laminar flow on the tube-side and the shell-side of the fibers,

respectively, [240]:

Shtube = 1.62

(
diRe

L

)0.33

, (2.16)

Shshell = 1.25

(
dhRe

L

)0.93

Sc0.33CO2
, (2.17)

where L[m] is the length of the fiber; ScCO2 =
νCO2

DCO2
is the Schmidt number defined using
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the kinematic viscosity, ν[m
2

s
]; Re = ρV d

µ
is the Reynolds number defined using the dynamic

viscosity, µ[Pa ·s]; dh is the hydraulic diameter; and di is the inner diameter. These Sherwood

correlations can be applied to gas or liquid phase flows on either side of the membrane. These

correlations are specific to the geometric configuration shown in Figure 3, where solvent flows

on the tube-side and flue gas flows on the shell-side of a cylindrical fiber. Additional mass

transfer correlations for different configurations are covered in Table 2 of Cui et al.’s review

paper on HFMCs for CO2 capture [191].

2.4.1.1 Modeling Chemical Reactions in RIS

If a chemical reaction needs to be modeled, this can be incorporated into the RIS model

by using a dimensionless enhancement factor, E. The enhancement factor is the ratio of mass

transfer rate with reaction to the mass transfer rate without reaction. Equation (2.12) can

thus be modified to incorporate the CO2 absorption reaction [61, 138], as shown in Equation

(2.18):

1

kov
=

Hdo
kldiE

+
do

kmdlm
+

1

kg
. (2.18)

The inner, outer, and mean logarithmic diameters of the fiber (di, do, dlm) are also

incorporated into this equation to account for the different diameters where each mass

transfer step occurs [156]. For a system considering only a physical absorption, E = 1 [57].

For a system considering chemical solvents, E is determined by the infinite enhancement

factor (E∞) and the Hatta number (Ha) [91]. Zhao et al. [255], Cussler et al. [57], and

Gaspar et al. [91] provide more information on how to incorporate the enhancement factor

into the RIS equation when the reaction is the limiting, partially limiting, or not the limiting

step in the overall mass transfer process.

Incorporating an enhancement factor into the RIS model is just one technique for modeling

reaction chemistry in HFMCs. However, more often than not, the overall MTC determined by

RIS is coupled with a separate solvent reaction chemistry model, as presented in Section 2.5.

This approach is more accurate than using an enhancement factor because it incorporates a

more detailed set of reactions coupled with transport and conservation equations. Details

on how to model the absorption reaction on the liquid side for 1D models using common

solvents can be found in Reference [147, 159].

2.4.1.2 Modeling Membrane Wetting in RIS

The examples and discussion so far have focused on ideal HFMCs. Actual HFMCs may

experience membrane wetting over time, as reported in some HFMC experiments [95, 204].

Membrane wetting is due to the surrounding environment, chemical reactions, changes in

geometry (such as pore swelling), and capillary condensation [16]. To model membrane
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wetting in HFMCs, the following assumptions must be made: (1) membrane thickness, δ,

is the total pore length, and (2) pores have a doughnut structure (in order to apply the

Laplace-Young equation).

For 1D HFMC models, membrane wetting can be incorporated into the RIS equation.

The RIS equation for a fully wetted membrane with reaction chemistry is given by [156]:

1

kov
=

Hdo
kldiE

+
Hdo
kmdlm

+
1

kg
, (2.19)

where km is now defined using the thickness of the wetted part of the membrane, δwetted [149]:

km =
Deff

δwetted

. (2.20)

However, a more realistic model is a partially wetted HFMC, where the pores are filled

with both gas and liquid [175]. In this case, additional resistances (as shown in Figure 5) can

be added to the equation using a parameter known as the wetting ratio:

x∗ =
Vw

Vf

, (2.21)

where Vw is the volume of liquid in the pore, and Vf is the pore volume of the membrane,

given by Vf = npπε(r
2
o − r2i )L. The pore volume of the membrane depends on the number

of pores, np; the membrane porosity, ε; the fiber length, L; and the outer and inner radii of

the fiber: ro and ri, respectively.

Figure 5: A resistance-in-series illustration for CO2 crossing a membrane in a HFMC with

partial membrane wetting, where both liquid and gas fill the membrane pores.
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The RIS equation for a partially-wetted membrane with reaction chemistry is given by:

1

kov
=

Hdo
kldiE

+
Hdox

∗

kmldlm
+

do
kmgdlm

(
1− x∗

)
+

1

kg
, (2.22)

where the term with x∗ accounts for the wetted portion of the membrane, and the term with

(1− x∗) accounts for the non-wetted portion of the membrane. kml is the membrane mass

transfer coefficient for the liquid-filled pores, and kmg is membrane mass transfer coefficient

for the gas-filled pores. Sometimes these extra resistances can make the total membrane

resistance account for >90% of the overall mass transfer resistance, which underscores the

importance of accounting for membrane wetting in models [130, 56]. Membrane wetting can

be reduced or eliminated by using a dense skin layer [137]. This can decrease the overall

MTC by two or three orders of magnitude [211].

When modeling membrane wetting effects, membrane parameters, such as pore size and

distribution, must also be accounted for [33, 34, 206]. Membrane wetting can vary along

the length of a membrane as transmembrane pressure varies along a membrane [255]. The

transmembrane pressure is defined as the pressure difference across the membrane. Membrane

wetting is determined by comparing the breakthrough pressure to the transmembrane pressure

[199]. The breakthrough pressure, defined in Equation (2.23), should be used as the critical

pressure to determine if the liquid will penetrate into the pores of the membrane and cause

membrane wetting [88, 156]:

△P = −4Bγcosθ

dmax

. (2.23)

Equation (2.23), known as the Laplace-Young equation, depends on the surface tension

of the liquid, γ[N
m
]; the contact angle, θ; and the maximum pore diameter, dmax[µm]. dmax

is the critical pore diameter, which dictates whether or not membrane pores are wetted. If

membrane pore diameter is greater than or equal to dmax, then the pores should be modeled

as wetted [33, 34]. Pore shape is accounted for in the pore geometry coefficient, B, where

B = 1 for perfectly cylindrical pores, and 0 < B < 1 for non-cylindrical pores [255].

2.4.2 Solution-Diffusion Model

The solution-diffusion model is a standard 1D model for dense, non-porous polymeric

membranes and as such is not frequently encountered for modeling HFMCs. The permeants

are separated because of the differences in the solubilities and the variations in the diffusive

rates of the different flue gas species in the membrane. This transport mechanism occurs

in the reverse osmosis, pervaporation, and polymeric gas separation membranes. The lack

of micro-pores, reasonably justifies the assumption of constant pressure throughout the

membrane and the concentration difference being the mass-transfer’s driving force [131]. This

model follows gaseous CO2 as it undergoes a three-step process (shown in Figure 6): (1) CO2
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sorption onto the membrane’s on the gas side, (2) CO2 diffusion through the membrane, and

(3) CO2 desorption from the solvent side of the membrane [119, 11].

Figure 6: Graphical depiction of the solution-diffusion three-step process in a carbon capture

HFMC for gas mixture of molecule A and B: 1. Molecule A sorption at the gas-membrane

interface, 2. Molecule A diffusion through the membrane, and 3. Molecule A desorption at

the solvent-membrane interface. The permeants are separated because of the differences in

the solubilities and the variations in the diffusive rates of the different flue gas species in the

membrane [119, 11].

To apply the solution-diffusion model, the following assumptions must be made: (1)

the rates of absorption and desorption at the interfaces are much higher than the rate of

diffusion through the membrane, (2) equilibrium is assumed between fluids and membrane at

the interfaces, (3) there are no visible pores, (4) pressure within the membrane is constant,

and (5) the chemical potential is represented only by the concentration gradient. The

solution-diffusion model is naturally characterized by Fick’s first law of diffusion (Equation

(2.3)), which gives the flux of a gaseous species as a function of concentration gradient [55].

Notwithstanding the fact that solution-diffusion model is not endemic to HFMC, it has

been reported to predict HFMC behavior in industrial settings [166] and in power plants

[131]. The solution-diffusion model is also a quick way to represent membranes to perform

membrane system optimization [51] and minimize failure [244, 36]. It has also been used to

model multi-component flue gas systems and non-isothermal conditions [228].
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2.4.3 Pore Flow Model

Another 1D membrane modeling approach is the pore flow model. Unlike dense polymeric

membranes, for applications, like ultrafiltration, microfiltration, and microporous gas flow

membranes, the membrane consists of a network of micro-pores. The separation is achieved

as a result of filtering, as only species with molecular sizes less than the size of the pores

can permeate through the membrane. A direct consequence of the separation mechanism is

that the concentration in the membrane is assumed constant, and gas transfers across the

membrane by pressure-driven convective flow through the pores as shown in Figure 7 [55, 20].

The pore-flow model can be described on the macro-scale by Darcy’s law. For CO2 as the

permeating species:

JCO2 = −kD
µ
CCO2

∂P

∂x
, (2.24)

where kD[m
2] is the Darcy’s Law coefficient, ∂P

∂x
[Pa
m
] is the pressure gradient across the

membrane thickness, µ[Pa · s] is the viscosity, and CCO2 [
mol
m3 ] is the concentration. Both the

solution-diffusion and pore flow model are capable of modeling 1D gas transport through

a membrane. The main distinction between the two is that concentration difference drives

transport in the solution-diffusion model, whereas pressure difference drives transport in the

pore flow model. Additionally, the membrane material (i.e., the size and permeance of the

pores) is an important factor to consider as it determines which model should be used. The

solution-diffusion model is recommended for membranes with pore sizes below 5 Å, while the

pore flow model is recommended for membranes with pore sizes of 10–1000 Å.

The RIS method, solution-diffusion model and pore flow model can each accurately

represent the physics of CO2 removal from flue gas in HFMCs. The RIS method uses an

estimated overall MTC to estimate the CO2 flux across the membrane. The solution-diffusion

and pore flow models, on the other hand, do not require a MTC to be calculated. Instead,

the solution-diffusion model relies on Fick’s first law of diffusion to represent the permeance

of CO2 through the membrane as a function of concentration, and the pore flow model uses

Darcy’s law and pressure difference to determine CO2 flux. RIS is the most popular method

for 1D modeling of HFMCs. The RIS method has the advantage of being able to represent

membranes that have both porous and nonporous portions [144]. One-dimensional models

using these three approaches can accurately match experimental results, as well as 2D and 3D

models [245, 98]. The main drawback of 1D models is that they cannot capture more complex

dynamics inside a HFMC fiber or bundle (e.g., concentration profiles, flow distributions),

which is where 2D and 3D models add value.
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Figure 7: Graphical depiction of the pore flow model, where molecule A crosses the membrane

due to a pressure difference. The illustration is not drawn to scale to emphasize the flow

through permanent pores [55, 20].

2.5 Two-Dimensional Modeling

Two-dimensional modeling of carbon capture HFMCs typically consists of modeling

a single hollow fiber. However, 2D modeling can more precisely account for physics and

transport than 1D models by incorporating axial diffusion and convection [114, 251, 64]. To

computationally model axial and radial mass transfer characteristics (diffusion, convection,

and chemical reactions), a complete mass transfer analysis is necessary using governing

equations and constitutive laws. Figure 8 will be used throughout this section to walk

through the theory that should be followed to complete a mass transfer analysis for a HFMC.

Figure 8 illustrates the 2D modeling framework for a single hollow fiber in a counter-flow

HFMC, where liquid solvent flows on the tube-side and flue gas flows on the shell-side. Once

the general governing equations and laws are introduced, the equations and laws will be

applied to the system presented in Figure 8. These equations will then be modified to account

for membrane wetting. It should be noted that this section will demonstrate computation

fluid dynamics (CFD) modeling theory behind a single 2D-axisymmetric hollow fiber. If one

desires to develop a 2D model of a HFMC bundle, the results can simply be multiplied by

the number of fibers in the bundle.
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Figure 8: Graphic of the two-dimensional axisymmetrical modeling framework for a gas-liquid

HFMC. The axial and radial dimensions are the dimensions of interest; variations in the

angular dimension are not considered due to symmetry. In this graphic, solvent flows on the

tube-side, while flue gas flows counter-flow on the shell-side.

2.5.1 Governing Equations for a 2D-Axisymmetric HFMC Fiber

Using as starting point the balances of mass, momentum and energy presented in Section

2.3 accompanied by the relevant constitutive laws and applying a set of assumptions, one can

get to a system of partial differential equations that mathematically represent the physical

setup. For the purposes of this analysis a popular set of assumptions comprises: steady

state operation, rotational symmetry for both velocity and concentration fields, translational

invariance for the fluid flow, constant material properties leading to incompressibility in

the form of ∇ · u = 0, and constant membrane properties. The following equations are

based on the cylindrical coordinates framework presented in Figure 8. The general mass

balance for this system is given by Equation (2.25) and is derived from Equation (2.6) for a

2D-axisymmetric hollow fiber [27].

vz
∂CA

∂z
− rA = DA

∂2CA

∂r2
+

DA

r

∂CA

∂r
+DA

∂2CA

∂z2
, (2.25)

where DA[
m2

s
] and CA[

mol
m3 ] are the diffusion coefficient and the concentration of species A,

respectively; vz[
m
s
] is the axial velocity component; and rA[

mol
m3s

] is the reaction rate of species

A. Equation (2.25) will now be applied to each domain of the system (e.g., tube, membrane,

shell) and modified to represent the physics occurring within each domain.

Modeling diffusion in the membrane domain is the simplest application because the

chemical reaction rate and convection terms drop out. Therefore, Equation( 2.25) reduces to
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Equation (2.26) within the membrane:

0 = DCO2−mem

(
∂2CCO2

∂r2
+

1

r

∂CCO2

∂r
+

∂2CCO2

∂z2

)
. (2.26)

In comparison, when Equation (2.25) is applied to the tube- and shell-side, additional

mass transfer terms must be included. The 2D mass transport equations for the tube- and

shell-side, respectively, are shown below [181, 4, 160, 184]:

vz,tube
∂CCO2

∂z
− rCO2 = DCO2−tube

(
∂2CCO2

∂r2
+

1

r

∂CCO2

∂r
+

∂2CCO2

∂z2

)
, (2.27)

vz,shell
∂CCO2

∂z
= DCO2−shell

(
∂2CCO2

∂r2
+

1

r

∂CCO2

∂r
+

∂2CCO2

∂z2

)
. (2.28)

The reaction in the system only occurs within the solvent. Therefore, the reaction rate

term (rCO2) is omitted from the shell-side equation because that is the gas domain. However,

rCO2 is included in the tube-side equation to represent the rate of CO2 absorption into the

solvent. Although reaction kinetic models for determining rCO2 are beyond the scope of this

paper, it is important to note that rA is a potential source of non-linearity. For example, if

the solvent has a reaction constant that is second or third order, the equation will become

nonlinear. This does not only mean that analytical solutions are impossible to get. Even

more, non-linearity results in systems of stiff equations, challenging the most advanced,

state-of-the-art solvers and numerical algorithms, often rendering the problems untraceable.

Other research groups have incorporated chemical absorption into their 2D HFMC models

introducing Monoethanolamine (MEA), Methyldiethanolamine (MDEA), and Diethanolamine

(DEA), respectively [113, 114, 231].

The fluid velocities on the shell and tube sides, vz,shell and vz,tube, are needed to solve

Equations (2.27) and (2.28). These velocities are determined by using the 2D cylindrical

Navier–Stokes and continuity equations based on Equations (2.7) and (2.8) [200, 184].

ρ

(
vr
∂vr
∂r

+ vz
∂vr
∂z

)
= −∂P

∂r
+ µ

(
1

r

∂

∂r

(
r
∂vr
∂r

)
− vr

r2
+

1

r2
∂2vr
∂z2

)
, (2.29)

ρ

(
vr
∂vz
∂r

+ vz
∂vz
∂z

)
= −∂P

∂z
+ µ

(
1

r

∂

∂r

(
r
∂vz
∂r

)
+

∂2vz
∂z2

)
, (2.30)

0 =
1

r

∂(rvr)

∂r
+

∂vz
∂z

, (2.31)

where vr[
m
s
] is the radial velocity vector, vz[

m
s
] is the axial velocity vector, µ[Pa · s] is the

viscosity of the fluid, P [Pa] is the fluid pressure, and ρ[ kg
m3 ] is the fluid density. These

equations describe steady-state, laminar, incompressible flow of Newtonian fluids. The above

equations will be further reduced as translational invariance and no body forces in the r-z
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plane, result in the vr component of the velocity to be zero and the only velocity component

that remains is vz(r).

Analytically solving for the velocity profile on the tube-side, the Navier–Stokes and

continuity equations result in the well-established Hagen-Poiseulle velocity profile [87]:

vz,tube(r) = 2vavg,tube

(
1−

(
r

Rtube

)2)
, (2.32)

where vavg,tube[
m
s
] is the average velocity in the tube-side. The shell-side velocity profile

is not as simple as the tube-side solution because it first requires a bundle approximation

to determine the shell-side radius. In order to solve for the shell-side velocity profile, the

following assumptions are made: (1) the fibers are evenly distributed in the shell space, (2)

the bundle’s porosity is equal to the fluid’s envelope porosity, and (3) there is no friction

on the shell side. Equation (2.33) defines the shell-side radius, Rshell, as a function of the

volume fraction, φ:

Rshell = Rmembrane

√
1

1− φ
, (2.33)

where the packing density of the membrane, φ, depends on the number of fibers in the bundle,

n, and the radius of the membrane module, Rmodule. Rmodule is defined as shown in Equation

(2.34).

1− φ =
nr2

R2
module

. (2.34)

This relationship describes the volume fraction of the void. Once the shell-side radius is

calculated according to Equation (2.33), the shell-side velocity profile is determined using

Happel’s free surface model [105]. Happel’s free surface model describes the axial velocity for

flow in the annulus between concentric cylinders as a function of the radial coordinate:

vz(r) = −1

4
µ
∂p

∂x

[
(R2

tube − r2) + 2R2
shellln

(
r

Rtube

)]
. (2.35)

Equation (2.35) is integrated with respect to r to give the volumetric flow-rate. The

average velocity for a fixed pressure gradient is then obtained, by dividing by the cross-

sectional area of the annulus, π(R2
shell −R2

tube):

vavg = − 1

8(R2
shell −R2

tube)
µ
∂p

∂x

[
4R2

tubeR
2
shell − 3R4

shell −R4
tube + 4R4

shellln
Rshell

Rtube

]
. (2.36)

Combining Equations (2.35) and (2.36), the analytical solution to Happel’s free surface

model is given by:

vz,shell(r) = 2vavgf(r), (2.37)
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where f(r) is:

f(r) =

[
1−

(
Rshell

Rtube

)2][
( r
Rtube

)2 − (Rshell

Rtube
)2 − 2ln(Rshell

r
)

3 + (Rshell

Rtube
)4 − 4(Rshell

Rtube
)2 − 4ln(Rshell

Rtube
)

]
. (2.38)

Equations (2.26)–(2.38) describe the flow and concentration distribution for a HFMC in

the radial and axial dimensions.

Common concentration boundary conditions used in 2D axisymmetric hollow fiber models

are shown in Table 3, where the inlet of the flue gas is at z = 0 and the inlet of the solvent is

at z = L. The physical solubility of CO2 in the solution is defined as m[mol
L
]. These boundary

conditions are applied to the governing equations in the previous subsection to solve the

equations analytically or numerically. For example, Equation (2.4) can be coupled with

boundary conditions from Table 3 to solve for CO2 transport.

Table 3: Concentration boundary conditions in a 2D axisymmetric HFMC with solvent

flowing into the tube side at z = L and flue gas flowing into the shell side at z = 0, as shown

in Figure 8 [215].

Position Tube Membrane Shell

z = 0 CCO2−tube = 0, Csolvent = Csolvent−inlet

z = L CCO2−shell = CCO2−inlet

r = 0 ∂Ctube

∂r
= 0

r = Rtube CCO2−tube = CCO2−membrane ·m, ∂Csolvent

∂r
= 0 CCO2−membrane =

CCO2−tube

m

r = Rmembrane CCO2−membrane = CCO2−shell CCO2−shell = CCO2−membrane

r = Rshell
∂CCO2−shell

∂r
= 0

In addition to the transport and conservation equations, 2D HFMC models should account

for reaction chemistry on the permeate side. Many 2D models use water as their initial solvent

to study diffusion and convection effects without the confounding effect of chemical reactions

[172, 60]. Building on those results, the chemical reactions are then incorporated into models

to study the chemical adsorption of common solvents, such as MDEA [217, 200, 45], DEA

[231], and MEA [79, 81]. For example, Shirazian et al. used this 2D modeling approach to

compare different solvents and found that MEA is a better solvent than MDEA based on

CO2 absorption [218]. Other modeling studies compare common solvents [220, 65], blended

solvents [186, 93, 180], and ionic liquids [190] for optimized CO2 separation. These reaction

models can be found in the previously cited papers and incorporated into the reaction rate

constant in Equation (2.27).

Many 2D carbon capture HFMC models have been used to study the impact of operating

conditions on separation performance. This includes varying solvent and gas flow-rates

to study how much raising the solvent:gas flow-ratio boosts CO2 removal rates [8, 216].

Other operating conditions like pressure [80], solvent composition [115], flow direction [82],
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and membrane permeability [215] have been varied to study their effect on carbon capture

HFMC performance using the 2D mass balance approach. Some groups have also developed

nonisothermal 2D HFMC models to study how the heat released by CO2 absorption impacts

performance. Temperature variation within a HFMC can lead to evaporation and condensation

within the pores, which impacts membrane performance. Nonisothermal 2D HFMC models

must incorporate the thermal energy equation (Equation (2.9)) to account for heat release

and temperature variations [93, 255]. Another approach is to consider the temperature effects

only on the solvent-side of the HFMC, where the CO2 binds to the solvent and needs to

undergo stripping. In this case, the temperature effect can be added in the reaction rate

expression from Equation (2.27) as a function of temperature and concentration.

2.5.2 2D Modeling of Membrane Wetting

As mentioned in Section 2.4.1.2, if the transmembrane pressure surpasses the breakthrough

pressure, wetting must be considered in the model. For 2D models, wetting effects can be

applied to the governing 2D equations presented above. For a partially wetted system, two

additional equations are introduced to account for the diffusion within a pore that is partially

filled with gas and the solvent [189]. For the gas filled pore, the membrane mass transfer

equation considered only diffusion.

0 = DCO2,mg

(
∂2CCO2,mg

∂r2
+

1

r

∂CCO2,mg

∂r
+

∂2CCO2,mg

∂z2

)
. (2.39)

For the liquid filled pore, the mass transfer equation consists of diffusion and the reaction

between CO2 gas molecules and the solvent.

0 = DCO2,ml

(
∂2CCO2,ml

∂r2
+

1

r

∂CCO2,ml

∂r
+

∂2CCO2,ml

∂z2

)
+ rCO2,ml. (2.40)

It should be noted that, with two additional equations, Equations (2.39) and (2.40), four

more boundary conditions need to be included in the gas-membrane and liquid-membrane

interfaces, as listed in Table 4 [45].

Table 4: Boundary conditions for the two additional mass transfer equations that account for

a partially wetted membrane in a 2D axisymmetric HFMC model [156].

Position Gas-Membrane Liquid-Membrane

r = Rtube CCO2−l−membrane = CCO2−l

r = Rmembrane CCO2−g−membrane =
CCO2−l−membrane

m
CCO2−l−membrane = CCO2−g−membranem,

∂CCO2−membrane

∂r
= 0

r = Rshell CCO2−g−membrane = CCO2−shell
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For more information on modeling membrane wetting, refer to the following review papers

[255, 175, 199, 117]. More often than not, membrane wetting is assumed to be negligible.

However, several models do incorporate membrane wetting [79, 252, 158, 154, 189]. Membrane

wetting is an important phenomenon that should be accounted for in more carbon capture

HFMCs, particularly in situations where membrane wetting is known to occur experimentally.

2.5.3 Benefits of 2D Axisymmetric Modeling

Two-dimensional axisymmetric HFMC models have led to greater understanding of mass

transport phenomena (e.g., convection, diffusion, chemical effects) within an individual fiber.

These models can produce 3D visualizations by revolving the 2D results around the z-axis, as

shown in Figure 9. This 2D axisymmetric approach is sufficient for most cases, where angular

variations are negligible. Two-dimensional axisymmetric modeling offers many of the benefits

of a 3D model (e.g., visualizing concentration variations throughout the fiber) without the

added computational burden of running a full 3D model. This 2D-axisymmetric approach

has also been applied to model concentration distribution within a HFMC bundle using the

mass balance equations presented earlier [19]. A full 3D model that resolves the physics in

the angular direction, as well, can, in principle, be more accurate than the 2D-axisymmetric

approach, if there is substantial evidence that the symmetry assumption breaks down. This,

for example, could be the case if turbulent flows are induced, since turbulent eddies and the

dissipation of energy are inherently 3D structures and effect correspondingly. However, many

researchers infer that the angular variation is not critical to the results at hand and choose

the 1D or 2D-axisymmetric routes instead.

Figure 9: Velocity profiles in a counter-flow, gas-liquid HFMC. The liquid flows on the

tube-side, entering at z = L, and the gas enters the shell-side at z = 0. This 2D-axisymmetric

model resolves properties in a 2D cross-section (left), then revolves those results around the

z-axis to form a 3D plot (right). These images were produced using COMSOL Multiphysics

5.5.®).
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Although modeling in 2D requires more complex equations and computational power than

1D modeling, the results are more accurate and can better reproduce experimental data for a

single fiber. Two-dimensional-axisymmetric models of HFMCs can also be used to study and

predict specific phenomena that cannot be explored in 1D, such as slow kinetic reactions and

axial convection and diffusion effects. In general, 2D models can offer information for a single

fiber, but their results are not immediately transferable to HFMC bundles. However, 3D

modeling is often necessary to obtain higher accuracy solutions and resolve more detailed 3D

phenomena that cannot be captured with 2D models, e.g., turbulence, flow maldistributions,

non-uniform material properties, etc.

2.6 Three-Dimensional Modeling

Three-dimensional modeling of HFMCs is the best way to describe 3D phenomena,

ensure the highest degree of accuracy, and capture angular variations along with axial and

radial variations. Three-dimensional models are mostly useful when studying non-uniformity

throughout a bundle (e.g., non-uniform flow distribution near ports and in the case symmetry

does not hold). Figure 10 shows these three dimensions (axial, radial, tangential) for a single

hollow fiber. This section discusses 3D modeling of HFMCs at a high level because the

governing equations and set-up for modeling a 3D HFMC fiber are similar to those presented

in the 2D section but with additional angular equations and terms. The governing equations

for 3D models are also often built into software packages, so they do not need to be coded

from scratch. Multiphysics software packages (e.g., ANSYS, OpenFOAM®, and COMSOL

Multiphysics ®) are often preferred to model these types of systems.
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Figure 10: Graphic of the three-dimensional modeling framework for a gas-liquid HFMC.

Axial (z), radial (r), and tangential (θ) variations are all resolved. In this graphic, solvent

flows on the tube-side while flue gas flows on the shell-side.

One of the main advantages of 3D modeling for HFMCs is that it can be used to study

transport variations throughout an entire bundle, not just in a single fiber. Whereas 1D and

2D HFMC models are limited to a single fiber, 3D models can be developed for an entire

HFMC bundle. These 3D bundle models can provide information about flow distribution

throughout the bundle and be used to study the impacts of fiber non-uniformity. One team

used this bundle approach in COMSOL Muliphysics® to calculate the overall MTC to describe

the fluid flow for an incompressible fluid [37]. Another research group investigated the effects

of temperature variation on chemical reactions in a 3D HFMC bundle by directly coding the

3D energy conservation equations and RIS for heat transfer resistances [38]. There have also

been studies that focus on radial variations in a bundle exposed to steady-state turbulent

flow to determine the optimal fiber arrangement [225]. Although 3D bundle modeling is the

most accurate and detailed approach, it is also the most computationally expensive approach

mentioned so far.

One way to simplify the 3D HFMC bundle model (and reduce computational burden) is

to treat the bundle as a homogeneous, porous media [253]. Darcy’s Law (Equation (2.24)),

derived from a simplified Navier–Stokes equation, can be applied to the system to describe

the pressure drop and fluid flow within a porous medium. This approach is extensively

researched for packed bed models [207, 176, 241, 76], and the same principles apply to flow

through a bundle of fibers. The mass balances and MTCs in these porous media models are

calculated using the approaches discussed in Sections 2.4 and 2.5. This approach has also

been successfully used in other research fields to model reverse-osmosis for water filtration

[150, 222] and blood oxygenation devices [84, 221]. These models would provide more insight
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into the flow and concentration distributions within HFMC bundles, so future research is

recommended in this area.

Three-dimensional models of HFMCs have improved significantly in the past decade

due to advances in computational capabilities. However, there is still significant room for

improvement in reducing computational cost of these models while maintaining accuracy.

Although many 1D and 2D HFMC models have been developed for PCC, 3D HFMC models

are relatively new and therefore require further development. The next section compares

the 1D, 2D, and 3D modeling approaches for HFMCs in PCC with an emphasis on the

assumptions made by each of these models.

2.7 Comparison of 1D, 2D, and 3D Modeling Approaches

Each of the three modeling approaches described in the previous sections has unique

merits and drawbacks. This section will compare these three modeling approaches with an

emphasis on the different assumptions made by each type. Table 5 compares state-of-the-art

1D, 2D, and 3D carbon capture HFMC models based on their controlling assumptions, which

are listed below the table. Table 5 provides a foundation for researchers seeking to develop

the best HFMC carbon capture model to meet their particular needs.

One-dimensional models are assumed to have perfect flow distribution, fiber alignment,

uniform membrane properties, etc., 1D models assume that reactions and mass transfer occur

within a very thin reaction ”film,” which effectively reduces the axial dimension and leaves

only variation in the radial direction [246]. One-dimensional modeling is considered sufficient

for many applications, particularly those that involve scaling-up to larger system sizes. One-

dimensional modeling is especially well-suited for larger systems because it is computationally

expensive to resolve 2D or 3D effects in large HFMC systems. Many researchers prefer 1D

models to 2D models for the PCC HFMC application, because 1D models are significantly

faster and provide sufficiently accurate results [246]. Overall, 1D models can predict the

results from previous experiments and simulations in 2D and 3D [245]. However, 1D modeling

is only applicable if the MTCs are known or defined experimentally. If the MTCs are not

known prior to the analysis, 2D or 3D modeling techniques may be necessary to determine

the overall MTC because they are easier and cheaper than experimentation. Obtaining MTCs

from experimental data is not an easy task, since one needs to accurately track the interfacial

area between liquid and gas. This requirement in its turn demands state-of-the-art imaging

techniques, without which the only way to predict MTCs, necessary for any scale-up attempt

or actual system-design effort, is futile. Two-dimensional-axisymmetric and 3D models of a

single fiber can give access to the fiber’s MTC, while 3D models of the whole bundle can

generate the bundle’s average MTC.

Most HFMC modeling work thus far has focused on 1D because it is the simplest approach
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and provides sufficient accuracy for many applications. For example, one comparison between

1D and 3D HFMC models found only a 2 percent deviation in mass balance results [98]. This

suggests that unless the researcher is looking for more detailed information internal to the

fiber or bundle, a 1D model should be sufficiently accurate. Another downside of 1D models,

besides the fact that it requires pre-determined MTC, is that it is unable to resolve 2D or 3D

effects, such as fluid swirling or CO2 concentration gradients. It is possible to overcome some

1D limitations by enhancing 1D models (e.g., by adding wetting effects). However, some

membrane systems are best modeled in 2D or 3D to capture radial and/or angular effects.

Table 5 provides common assumptions used for 1D HFMC models in reference to the list

(listed after Table 5) in the beginning of this section. The prevalent assumptions among 1D

models are assumptions 3–6 and 8–9, where the physics focuses on the membrane interface.

As seen in Table 5, assumptions 10–15 are common assumptions made within 2D models.

For example, most 2D species calculations rely on Happel’s free surface model offering an

analytical calculation of the shell-side velocity profile, as presented in Section 2.5.1. Other

assumptions include zero inlet CO2 concentration on the solvent side. These assumptions allow

the modeler to successfully solve the fundamental laws and governing equations, simplifying

the simulation of a HFMC. Zaidiza et. al. provide a more thorough comparison of the 1D

and 2D modeling approaches for PCC HFMCs [244]. Another approach that combines

the advantages of the two modeling approaches is hybrid 1D-2D modeling. For example,

Chabanon et al. [50] uses a 1D model for the gas-side and a 2D model for the liquid-side. There

is more work in the literature that covers hybrid 1D-3D modeling, such as Bao et al. [23],

that studies the correlations of mass transfer coefficients between regularly and randomly

packed bundles for gas-gas HFMCs.

Table 5 also provides common assumptions used for 3D models, including Happel’s

free surface model and zero initial concentration on the solvent side. Although 3D mod-

els of HFMCs are less common than 1D and 2D models, they are growing in popularity

as advanced algorithms, hardware and software are facilitating 3D modeling simulations.

Three-dimensional models of HFMCs bundles, enable researchers to go beyond modeling

a single hollow fiber and explore non-uniform effects. Three-dimensional bundle models

are recommended for modelers looking to transfer their work into a process or system level

simulation for this important technology of CC, assuming they can be computationally

handled. Challenges however still remain due to the numerical cost of the calculations [44].

Modeling the bundle as a porous medium, though not common in the carbon capture

field, there are other of scientific applications we could get inspiration from. Mazaheri et al.

[169] offer a comparison between fiber modeling and porous media for a blood oxygenator

device, finding that the velocity distributions are different and the porous media approach

may lead to errors when calculating the transport properties. Three-dimensional bundle

models can provide useful information about end effects and the impact of manifolds on flow

distribution. However, modelers must prioritize the outcome of the project and decide if

simplifying a 3D bundle using the porous media approach is right for them, or if they should

31



simplify their model to 1D or 2D. Overall, 3D models are powerful tools for determining how

conditions vary throughout a 3D bundle, not just along the length of an average fiber.

Table 5: State-of-the-art HFMC models for PCC organized by dimensionality. Modeling

assumptions (listed in the text) are checked for each model to enable comparison.

Dimension References Assumptions
1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16

1D

Boributh et al. [33] ✓ ✓ ✓ ✓ ✓
Zaidiza et al. [243] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Khaisri et al. [130] ✓ ✓ ✓ ✓ ✓
Boributh et al. [32] ✓ ✓ ✓ ✓ ✓ ✓
Boributh et al. [35] ✓ ✓ ✓ ✓ ✓ ✓
Rode et al. [203] ✓ ✓ ✓ ✓ ✓
Zaidiza et al. [244] ✓ ✓ ✓ ✓ ✓ ✓
Villeneuve et al. [228] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Li et al. [147] ✓ ✓ ✓ ✓ ✓ ✓
Chu et al. [51] ✓ ✓ ✓ ✓ ✓
Haddadi et al. [98] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Cui et al. [56] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Saeed et al. [206] ✓ ✓ ✓ ✓ ✓ ✓

2D

Al et al. [8] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Shirazian et al. [216] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Rezakazemi et al. [200] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Shirazian et al. [217] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Shirazian et al. [215] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Hosseinzadeh et al. [115] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Faiz et al. [80] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Ghasem et al. [93] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Goyal et al. [95] ✓ ✓ ✓ ✓ ✓ ✓
Li et al. [149] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Cao et al. [45] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Shirazian et al. [218] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Nakhjiri et al. [180] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Qazi et al. [189] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Abdolahi et al. [4] ✓ ✓ ✓ ✓ ✓ ✓ ✓
Ghasem et al. [92] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Qazi et al. [190] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓

3D

Boucif et al. [37] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Boucif et al. [38] ✓ ✓ ✓ ✓ ✓ ✓ ✓ ✓
Usta et al. [225] ✓ ✓ ✓ ✓ ✓
Cai et al. [44] ✓ ✓ ✓ ✓ ✓ ✓
Pozzobon et al. [188] ✓ ✓ ✓ ✓ ✓ ✓
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List of Assumptions in Table 5:

1. Steady-state, laminar, Newtonian, incompressible fluid, and plug flow with fully-

developed velocity profiles.

2. Ideal gas law (assumes the gas particles are (1) in continuous, rapid motion, (2) are

so small that their volume is negligible, (3) do not interact, and (4) temperature

is proportional to the average kinetic energy); and Henry’s law (assumes constant

temperature and that the vapor phase behaves as an ideal gas).

3. Fick’s law of diffusion (assumes constant diffusion coefficient) and thermal conductance

through membrane, with adiabatic behavior.

4. Rate-controlled reversible reaction.

5. Heat and mass transfer are equal at the interface (condensation from the temperature

difference occurs at the liquid-membrane interface).

6. Uniform membrane properties (constant tortuosity and distribution of membrane pore

size, wall thickness, non-wetting).

7. Mass transfer between gas-liquid phases is a result of film diffusion.

8. Curvature effect of the membrane surface on mass transfer is negligible.

9. Happel’s free surface model (assumes the bundle’s porosity is equal to the fluid’s envelope

porosity and assumes no friction on the shell-side).

10. Initial zero CO2 concentration on the solvent side.

11. Zero mass transfer at the two fiber ends.

12. Constant volumetric flow rate.

13. Large mass transfer rate between gas and liquid.

14. Non-wetted operation in which the gas mixture fills the membrane pores.

15. Ideal feed gas (fouling/pollution not accounted for).

16. Fibers are rigid walls (no degradation study is needed).

2.8 HFMC Modeling Road Map

This section summarizes the exposed ideas presented in Sections 2.4–2.6 to guide modelers’

decision towards the type of modeling approach and dimensionality they should choose for

their research goals. A road map, Figure 11, illustrates possible directions the simulation

could take.
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Figure 11: The road map is separated based on three defining questions: (1) Is the modeler

taking into account 1D model assumptions? (2) Does the modeler have access to the mass

transfer coefficient values? (3) Does the modeler have computational or time constraints?

Depending on those qualifications, 1D, 2D, or 3D models can be chosen. Each modeling

approach previously described for 1D, 2D, and 3D models provide specific end goal phenomena

to be described. These goals for 1D models shown here are solving for the equivalent circuit

analysis (eq. circ. analysis), the wetting effects, and CO2 flux removal. Depending on

the overall goal, the RIS, solution-diffusion or pore flow model could be used. For 2D

axisymmetric/3D single fiber models, the end goal could consist of observing the absorption

reaction rate, the wetting effects and overall velocity and CO2 concentration profiles. The mass,

momentum and energy equations could be coupled to recover the velocity and concentration

profiles in all three domains (tube, membrane, and shell domains). Finally, 3D models

observe the overall bundle of the HFMC. If the final goal is to determine detailed fluid and

concentration distributions within the bundle, the mass, momentum and energy equations

should be used for more accurate results. However, if the overall goal is to observe the CO2

flux rate, the porous media approach should work just as well.
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2.9 Applications and Challenges

In the following paragraphs, we wish to highlight the application aspect of several groups’

HFMC post-carbon capture 1D, 2D, and 3D models. This section will also cover software

implementation issues to model HFMCs and challenges associated with these simulations

and models.

2.9.1 Applications of 1D Models

As previously stated, the RIS model can be used to determine the overall MTC needed to

calculate the flux across the HFMC. The overall MTC can be modified to include chemical

and wetting effects. For example, Boributh et al. [33] contributed to the field by creating a

mathematical model to predict the physical absorption of CO2 and the effects of membrane

wetting on pore size, membrane geometry (thickness and fiber length) and fluid flow. The

results were validated with the experimental data reported by Achariyawut et al. [16].

Building on their work, this group incorporated the chemical effects of the system to predict

the absorption performance of CO2 from a gas mixture containing methane (CH4). Using

MEA as the absorbent, the group successfully predicted the performance of a PVDF HFMC

by incorporating membrane wetting and the enhancement factor, E, to calculate the overall

MTC and model the rate of absorption [35]. The RIS model was also used to predict CO2

separation from a CO2-N2 gaseous mixture using a DEA solution and a PP HFMC [95].

This group also incorporated partial membrane wetting into their model and observed a

rapid decline in module performance due to the physical geometric changes, such as enlarged

pore-size and elevated surface roughness. It was noted the pore-size enlarged quicker using

DEA rather than MEA.

The solution-diffusion model is used to model dense membranes, such as dense polymer-

supported ionic liquid membranes used to separate CO2-N2 and CO2-CH4 mixtures [11].

Models predicting the performance of HFMCs using the solution-diffusion approach have

successfully investigated process intensification (for scale-up purposes) and solvent leak

reduction when considering a volatile solvent, such as aqueous ammonia [228]. This work

has been validated against experimental work in the laboratory scale [227]. Chabanon et al.

[50] point out a challenge comparing the experimental results against this well-established

model: it is unrealistic to compare the results without adjusting any parameter. Therefore,

the membrane MTC is adjusted in the model for validation against the experimental results.

The solution-diffusion model approach has also been used to model separation CO2 from

multi-component flue gas containing N2, O2, H2O, and CO2 to find optimal regions of flue

gas pressures and membrane area [131].
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2.9.2 Applications of 2D Models

Many research groups have applied 2D-axisymmetric HFMC models to post-combustion

carbon capture. Many different solvents, operating conditions, flue gas mixtures, and wetting

effects have been modeled in this framework. Many of these models have successfully predicted

experimental results for PCC applications.

For example, Shirazian et al. [216] developed a 2D-axisymmetric model to study CO2

removal from 20/80 CO2-N2 mixture for general gas separation (coal, natural gas and flue gas).

They initially only studied physical absorption to isolate the effects of varying temperature and

fluid and gas flow rates. They then studied the impact of chemical absorption by incorporating

MDEA [217], diethanolamine [215], DEA [198], MEA, 2-amino-2-methyl-1-propanol (AMP),

and potassium carbonate (K2CO3) [220] into their models. Their results show that MEA

achieved the highest CO2 removal rate. Another 2D modeling group studied the effect of

mixing an ionic liquid into pure water to act as a physical absorbent alongside MEA as a

chemical absorbent [184]. Their results showed that including an ionic liquid increases CO2

absorption in both physical and chemical absorbents.

Other groups have modeled wetting effects in their 2D axisymmetrical models of HFMCs.

Non-wetted, partially wetted, and fully wetted models were compared by one team to observe

the effect membrane wetting has on separation efficiency, CO2 flux and overall MTC [189].

They successfully modeled the removal of CO2 from a 15/85 CO2-N2 gas mixture and observed

with increasing membrane wetting, there was an increase of mass transfer resistance and

therefore lower separation efficiency and CO2 flux. Abdolahi et al. [4] also modeled a

2D-axisymmetric HFMC with partial membrane wetting and found that even a 10% wetting

of the membrane reduces the efficiency of the CO2 removal process by more than 47%. Their

results were compared to experimental data.

Ghasem et al. [92] developed another 2D-axisymmetric HFMC model for the simultaneous

absorption/stripping of CO2 with potassium glycinate. This group was able to use two gas-

liquid HFMC in parallel and model both the absorption and stripping process. They were

able to model the stripping portion by defining the reaction rate in the solvent-side as a

function of temperature and concentration, observing that, as the stripping temperature of

rich solvent increases, the stripping efficiency increases. Their work was validated against

experimental data.

2.9.3 Applications of 3D Models

Very few 3D models currently exist for HFMCs in PCC applications. Thanks to recent

advances in computational ability, this is an emerging research area with room for future

development. One research group has developed a 3D bundle model to study the flow passing

through different fiber array arrangements for CO2 removal from CH4 [225]. Three-dimensional

modeling is needed for this group’s work to study the radial cross-flow distribution for inline
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and staggered fibers in the bundle, as well as momentum mixing. They demonstrated that

a bundle with staggered arrangement outperforms the bundle with the inline arrangement

after evaluating the CO2 flux rate across the membrane surface. The porous media approach,

while scarce in the PCC field, has recently been applied by Pozzobon et al. [188]. This group

created a computational fluid dynamic model that describes the mass transfer at the fiber

scale in addition to the fluid flow in the bundle. The purpose of this work is to illustrate how

to apply the porous media model to obtain the mass transfer resistance values numerically,

rather than using a correlation, like for 1D models, or experimental values, like for 2D models.

Their results replicated Whitaker [235] and Fougerit et al. [85, 86] correlation’s in addition

to experimental runs.

2.9.4 Software Implementations

One of the key challenges with developing HFMC models for PCC is determining whether

a 1D, 2D, or 3D model is the best option. The decision to model a HFMC in 1D, 2D, or 3D

depends not only on governing assumptions and desired results but also on practical computing

constraints. Carbon capture HFMC models require a complex combination of equations

that may be linear, non-linear, possibly coupled, ordinary-differential or partial-differential.

Therefore, sophisticated modeling software (e.g., MATLAB ®, COMSOL Multiphysics®,

ANSYS (CFX and Fluent), ASPEN Custom Modeler, OpenFOAM) are often used. Software

selection depends on the complexity of the model and what features need to be studied.

For example, MATLAB® is typically sufficient for 1D modeling, but finite-element software

products (e.g., ANSYS, COMSOL Multiphysics ®) are often preferred for 2D or 3D modeling

as they do not require coding. ANSYS and COMSOL both have user-defined partial

differential equations (PDEs) and pre-defined PDEs modules for a wide range of applications,

putting less burden on the user during initial model set-up. Although ANSYS and COMSOL

Multiphysics ® are used for 1D models, as well, their true advantage is revealed in the 2D

and 3D simulations where complexity increases dramatically [222]. MATLAB ® is a popular

platform for 1D and sometimes 2D HFMC models [251, 25]. Some 1D models can even be

set up in Excel workbooks or similar platforms. Researchers may opt for 1D models based

on cost constraints and software availability. ASPEN Custom Modeler incorporates HFMC

models as a user defined unit operation to study scale-up modeling [7].

Mesh refinement is required in narrower areas of the geometry demanding higher resolution

to guide the computations. For example, the membrane domain in the 2D single fiber analysis

will need finer mesh to fully capture the physics that occur within a thinner domain. This is

especially true when the model needs to capture membrane wetting effects. Another example

where mesh refinement is needed is for a 3D model of the individual fibers to capture the

physics within the smaller gaps between the fibers [98]. However, mesh refinement will cause

the simulation to become more computationally expensive. Therefore, the modeler needs

to determine the most demanding physics of the system using non-dimensionalization and
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the knowledge of boundary layers to assess the needed mesh sizes. Mesh independence is

another important factor of the meshing methodology, used to determine accurate finite

element/volume solutions. It is highly recommended for 2D and 3D simulations of HFMCs.

The mesh independence study chosen will provide a less burdensome model that solves the

physics to the desired level of accuracy. Once the simulation produces minimal changes

between the mesh element or volume solutions for different levels of mesh refinement, the less

burdensome mesh will be chosen and the mesh independence study will be complete. In

general, models should use the least number of mesh elements necessary to converge on a

satisfyingly accurate solution. Examples of authors that have published their mesh study for

HFMCs can be found here [225, 4].

One of the main downsides of 3D HFMC modeling is that it is computationally expensive,

which may prevent some researchers from pursuing this route. However, sophisticated multi-

physics software packages (e.g., ANSYS, COMSOL Multiphysics ®) facilitate 3D modeling

of HFMCs. These user-friendly software packages also have built-in short-cuts for reducing

computational time (e.g., reducing mesh size, simulating a symmetric portion of the full

geometry). Three-dimensional simulations of HFMCs can also often be run in parallel on

different machines in a computer cluster to minimize computational time. Recent advances

in software and computers have made it possible to perform 3D simulations of HFMCs faster

and cheaper. Future advancements in computation will enable more researchers to pursue

complex 3D models for carbon capture HFMCs.

2.9.5 Modeling Challenges

One shortcoming of HFMC models for PCC is that no existing models are currently

capturing the physical and chemical degradation of the membrane over time. Degradation

rates are typically characterized experimentally, but these experiments are expensive and

lengthy. Transient models that can predict long-term degradation of HFMCs exposed to flue

gas would be immensely helpful. Although it would be theoretically and computationally

challenging to develop a detailed mechanistic model for long-term degradation, simple models

could be developed to extrapolate short-term experimental degradation data to longer time

scales. This kind of model could save time and money on pilot testing and enable quicker

scale-up of HFMC technology.

Another challenge that HFMC models face is that they struggle to capture non-idealities

in bundle design. Because most HFMC models assume a uniform distribution of fibers

with identical stream conditions, they cannot predict the effects of flow maldistribution,

non-uniform fibers, or uneven fiber distribution within a bundle. For example, Happel’s free

surface model (which is used in 2D models to determine the shell-side velocity) assumes

that all the fibers are evenly spaced in a triangular or staggered array. The actual shell-

side velocity could vary substantially from this model’s predictions, if fibers are distributed

unevenly. Similarly, most HFMC models assume no friction from the walls of the fiber.
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Three-dimensional HFMC models can address many of these short-comings by incorporating

wall effects and bundle non-uniformities.

Two other assumptions included in most models that could be considered as rendering

the models prone to wrongful representation of the physics are: a) constant permeate and

retentate mixture properties, i.e., not function of the local concentration, and b) continuity

equation described by incompressible flow, i.e., ∇ · u = 0. The latter assumption is posed to

apply the continuity equation to solve for the velocity in the tube-side. Both these hypotheses

generate concern, since the gaseous system is a multi-component flue gas mixture. Therefore,

the density will change as CO2 is separated. This is an issue that needs to be addressed

with most of the relevant reported research and remedied in future modeling undertakings to

produce more reliable results.

2.10 Scale-up Modeling from Lab Scale to Commercial Scale

The previous sections have focused exclusively on modeling a single fiber or bundle

of fibers in a carbon capture HFMC absorber. However, modeling efforts need to extend

beyond small-scale HFMC absorbers in order to scale up work from the lab to the pilot and

commercial scales. This would help minimize the transitional time between bench and large

scale HFMCs absorbers and minimize the risk and costs for the plant facilities. Scale-up and

commercialization efforts tend to increasingly rely on modeling, as necessary stepping stone

to design and optimize scale-up for PCC. A characteristic example is the Department of

Energy’s Carbon Capture Simulation for Industry Impact (CCSI2) program of the National

Energy Technology Laboratory (NETL)-Department of Energy. CCSI2 is a computational

tool-set of different scale and scope models, ranging from CFD and process modeling to

optimization, uncertainty quantification and sequential design of experiments, targeted to

de-risk and facilitate up-scaling PCC technology in the United States. Apart from the

standard CFD and process models, new capabilities pertaining to Artificial Intelligence are

added to the researchers’ portfolio. For example, modeling efforts involving systematic design

of experiments (referred to as sequential design of experiments) can guide test campaigns

and enable teams to get experimental results efficiently. Techno-economic models of carbon

capture HFMC systems can also aid with the scale-up process by predicting and optimizing for

parameters like size and cost. Some HFMC scale-up models focus exclusively on optimizing

the HFMC absorber design (e.g., to minimize size or cost) at a larger scale. Other HFMC

scale-up models include the entire carbon capture system or even the whole power plant

system. Aspen Custom Modeler and similar software packages are helpful tools for developing

and optimizing process models for complex systems like this.

Figure 12 shows a conventional CO2 capture process using HFMC modules as the absorber.

This CO2 capture system also requires a CO2 stripper, coolers, pumps, and a reboiler.
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Figure 12: Graphic of a conventional CO2 capture process using HFMC modules in the

absorber. The blue represents the absorption process, and the orange represents the stripped

portion of the system.

Although there have been several pilot tests of carbon capture HFMCs [229, 212, 211],

modeling efforts for gas-liquid HFMC pilot-scale or commercial-scale modeling are scarce

[255]. The following discussion therefore focuses on gas-gas HFMC carbon capture systems,

which closely resemble gas-liquid carbon capture HFMC systems. A common metric used to

quantify CO2 capture cost in membrane systems is the gas processing cost. The gas processing

cost depends on various parameters (e.g., membrane geometry, operating conditions), so a

final product purity must be specified in order to achieve a desired gas processing cost goal

[7]. The overall calculation of gas processing cost depends on the capital related costs for

installation and fabrication of equipment, the variable operating and maintenance costs, and

the cost of hydrocarbons lost in the permeate stream [168]. In most instances, researchers

also consider a payout period of 5 years to calculate the total capital cost. Researchers often

use gas processing cost to study the impact of non-ideal cases that could occur in industrial

applications. For example, variable permeances due to temperature and pressure dependence

greatly affect the membrane permeability [6] , and membrane fouling increases the energy

requirement [28]. In addition, up to 20% of the base plant costs should be allocated to cover

unforeseen events, such as complications with the recycle stream [102, 101]. The same gas

processing cost methodology is used across different projects to study the various parameters

that affect gas processing cost, such as pressure ratios [116] and flow pattern distributions

[153].

Aside from gas processing cost analyses for gas-gas HFM modeling, many researchers

shift their modeling efforts from modeling single fibers to modeling pilot-scale membrane
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systems when it is time to scale up their technology. ASPEN HYSYS® is a commercial

process simulation program that can be used for this task, particularly if the team wishes to

integrate their membrane model into a process model for an entire power plant. Modeling in

this framework elucidates many bulk effects, such as non-uniform distribution of flow among

fibers, that have been used for HFMCs but are difficult to capture in smaller-scale HFMC

models [49]. Proprietary platforms, like the Integrated Environmental Control Model (IECM)

from Carnegie Mellon University, estimate system and performance costs of power plants with

gas-gas membrane carbon capture [250]. In most of these process models, researchers consider

a two-stage membrane process: the first membrane operates at an optimal pressure ratio [66],

and the second membrane focuses on selectivity [205]. Platforms, like IECM, could likely be

used to model gas-liquid HFMCs, as well. This would enable researchers to determine the

optimal process design for gas-liquid carbon capture HFMC systems.

System modeling is a crucial step for carbon capture HFMC technology development.

Particular emphasis should be placed on characterizing the CO2 stripping process, which is

often overlooked in carbon capture HFMC modeling studies. The most expensive operating

cost in a solvent-based CO2 capture system is typically the cost of desorbing CO2 from the

solvent [238]. Therefore, more effort is needed to model desorption and optimize solvent

selection in HFMC systems. These models could complement experimental efforts to minimize

costs of HFMC carbon capture systems and make them more competitive with traditional

solvent carbon capture systems.

2.11 Conclusions and Recommended Future Work

HFMCs are one of the leading technologies for post-combustion carbon capture. Modeling

efforts are needed both to characterize these HFMC technologies and scale them up for

commercial adoption. This review paper presented and compared 1D, 2D, and 3D modeling

approaches for carbon capture HFMCs. The goal of this review is to help HFMC researchers

identify which modeling methods are most applicable to their projects. One-dimensional

models are the most efficient and tend to produce accurate results given the correct assump-

tions (such as treating the interfaces of each domain as ”films” for the RIS model). Modeling

in 2D has also become a popular option in carbon capture HFMC research, and it provides

higher accuracy and more information than 1D models can provide. One-dimensional and

2D models for membrane wetting were also discussed.

Three-dimensional models of carbon capture HFMCs are scarce because they are more

computationally expensive than 1D or 2D models. However, they are qualitatively different

in the nature of information they can reveal. Three-dimensional models are recommended

for researchers that need to study variations within the HFMC bundle, which cannot be

encompassed by 1D or 2D single fiber models. Similarly, if what is of interest is understanding
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of the underlying mechanisms of mass, energy, and momentum transfer and their interplay,

then one has to resort to 3D bundle models or, at the very least, to 2D and 3D single fiber

models with some effort to account for non-idealities from up-scaling to the bundle level.

For those interested in capturing bundle variations with reduced computational cost, we

recommend considering the porous media modeling approach. Further research is also needed

to accurately model membrane fouling. These efforts will help researchers better predict

HFMC lifespan and minimize degradation.

The transition from bench-scale to pilot-scale modeling was also discussed, and it is an

area where further research is needed in order to make HFMCs competitive with other CO2

separation technologies [133]. While scale-up models exist for gas-gas HFMCs, more scale-up

models are needed, specifically for gas-liquid carbon capture HFMCs. Future research on both

scale-up modeling and 3D bundle modeling will accelerate the progress and commercialization

of gas-liquid carbon capture HFMCs.
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3.0 ”Demonstration of Direct Ocean Carbon Capture Using Hollow Fiber

Membrane Contactors”

The focus of membrane carbon capture to date has been primarily on point source

captures, such as power plants and industrial capture. However, membrane technology can

also play a role in negative emissions technology, such as direct air capture and direct ocean

capture. Direct ocean capture has a few potential advantages over direct air capture, such

as avoiding land use and coupling with offshore wind and offshore storage. The use and

feasibility of hollow fiber membrane contactors (HFMCs) for direct ocean carbon capture

with benign aqueous basic carbon dioxide solvents is assessed here through a multifaceted

approach. A 1D HFMC model incorporates fluid dynamics and the chemical kinetics of both

ocean water and aqueous sodium hydroxide solvent in order to simulate CO2 flux behavior in

two flow configurations. Lab scale experiments of this system then guide a model refinement

and validation process until experimental behaviors are predicted through computation. A

preliminary techno-economic assessment then uses computational and experimental results to

estimate the carbon capture cost when the system is scaled to remove 0.98 Mtonnes CO2/year.

Computational results suggest that higher seawater flow rates and temperatures relative to

the sodium hydroxide solvent improve CO2 flux. The techno-economic assessment suggests

that HFMCs may only be cost-competitive if seawater pH is decreased at the membrane

interface, thereby increasing the local concentration of dissolved carbon dioxide. These

findings indicate that local pH swing on the seawater side will be necessary to feasibly remove

carbon dioxide from seawater using HFMCs.
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Figure 13: Using hollow fiber membrane contactors to separate CO2 from seawater. This

is facilitated by flowing a solvent through the tube side of the membrane, and the seawater

through the shell side in a counter-current direction.
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3.1 Nomenclature

Subscripts

s solvent

m membrane

oc ocean

ov overall

CO2 CO2 in a domain

shell shell side

mem membrane side

lumen lumen (or tube) side

h hydraulic

i inner

o outer

eff effective

i component or species

Variables

k resistance

D diffusion coefficient

d diameter

ε porosity

τ tortuosity

δ thickness

L length

C concentration

J flux

δP pressure drop

T temperature

N number of fibers

Acronyms

PCA Paris Climate Agreement

DAC Direct Air Capture

DOC Direct Ocean Capture

HFMC HFM contactor

RIS Resistance in series

TEA Techno-economic analysis

EAOC Equivalent Annual Operating Costs
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3.2 Introduction

The 2016 Paris Climate Agreement (PCA) set an international standard for global

temperature rise to be no higher than 1.5 ◦C above pre-industrial temperatures [77]. This

temperature threshold suggests that atmospheric concentrations of carbon dioxide (CO2)

must not exceed 450 ppm to mitigate the risks outlined in the PCA [29, 106]. However, global

CO2 emissions have continued to rise, causing atmospheric CO2 to reach 416 ppm in 2019

[124, 125]. Negative emissions technologies will need to remove more than 10 gigatonnes of

CO2 each year from the environment by 2050 in order to remain within the 1.5 ◦C temperature

threshold [29].

Direct air capture (DAC) is one of the key negative emissions technology categories

proposed to mitigate climate change. DAC systems scrub CO2 from the atmosphere, typically

using adsorptive solids or caustic solutions [128, 74, 148, 152]. DAC technologies, however,

are limited by low atmospheric concentrations of CO2, leading to high capture costs of

∼$500-$600/tonne CO2 [140, 17]. One alternative to DAC that has received less attention is

direct ocean capture (DOC). Oceans store ∼27% of atmospheric CO2 [141], and maintain

equilibrium with the CO2 in the surrounding atmosphere [89]. Although CO2 partial pressure

in seawater is low, like in the air above it, seawater has high concentrations of bound CO2

(in the forms of bicarbonate and carbonate ions) that can potentially be accessed during

DOC [249]. Additionally, seawater is ∼1,000 times denser than air, which could result in a

smaller system size. DOC could also potentially be performed offshore (e.g. on an abandoned

offshore oil platform) to avoid using land space, and be co-located with offshore wind and/or

offshore storage. Finally, direct ocean capture could potentially reverse ocean acidification in

high-risk niche areas, such as coral reefs or shellfisheries. All of these advantages could make

DOC a promising alternative or complement to DAC systems, which require lots of energy,

take up large amounts of land, and often require CO2 transportation to storage sites [13].

Existing state-of-the-art systems for DOC require an energy-intensive salt-splitting process

to separate seawater into basic and acidic streams before stripping CO2 from the acidic

stream [237, 73]. The main advantage of this approach is that gaseous CO2 is more abundant

at low pH levels, so higher CO2 fluxes are possible once seawater has been acidified [248]. The

main drawback of this salt-splitting approach, however, is that the electrodialysis membrane

required to split the seawater into acidic and basic streams is expensive and requires a lot

of energy [107]. Although these DOC methods make sense for niche markets (e.g. jet fuel

production for naval ships at sea [237]), they are currently too expensive to compete with

DAC [197].

Passive membrane contactors have yet to be employed for DOC but offer several potential

advantages over salt-splitting methods: reduced energy consumption, low cost, and ease of

scalability. Hollow fiber membrane contactors (HFMCs) are a passive membrane technology

that has been optimized for post-combustion carbon capture and may be suitable for the

46



DOC application [48, 255]. HFMCs consist of many narrow, hollow tubes (fibers), packed

tightly into a cylindrical jacket. The membrane material in HFMCs is typically a flexible

polymer (e.g. polypropylene) that is gas-permeable but not liquid- or ion-permeable at ideal

conditions. These devices are ideal for a large-scale gas exchange process with slow kinetics

as they provide a large contact surface area per unit volume for the two fluids that need

to exchange gas(es). The most common drawbacks of HFMCs for carbon capture are cost,

pressure drop, and membrane fouling [147].

In this paper, we examine the use and feasibility of HFMCs for DOC. The proposed

HFMC would flow seawater on shell side and a solvent on the tube side, driving CO2 through

the membrane from the seawater side into the solvent side, as shown in Figure 13.

On the solvent side, we investigate the use of aqueous sodium hydroxide (NaOH) because

1) NaOH is benign if it leaks into the ocean [9], 2) NaOH can osmotically balance with

the surrounding seawater because of its sodium ions, 3) NaOH is a fast-acting CO2 solvent

that has already been well-characterized for DAC systems [128, 157, 46, 171, 194], and 4)

NaOH has been studied for post-combustion CO2 capture in marine environments, illustrating

its potential for this system [59]. While solvent regeneration is not explored in this paper,

regeneration of NaOH has been studied by other investigators for DAC systems [9, 209, 226],

and the same regeneration methods could be employed for DOC. The primary goal of this work

is to examine the efficacy of HFMCs at separating CO2 from seawater using a NaOH solvent

stream. To this end, lab-scale experimental data collection (Section 3.3) and computational

modeling of HFMCs (Section 3.4) are used. A preliminary techno-economic assessment is then

performed to determine the competitiveness of this technology with DAC systems (Section

3.6). The results of this work demonstrate that HFMCs with NaOH solution can remove

CO2 from seawater, and that this system could be cost-competitive with DAC if seawater

pre-treatment or membrane surface treatment brings the local seawater pH down to improve

CO2 flux across the membrane.

3.3 Experimentation

3.3.1 Methodology

Hollow fiber membrane contactors (HFMCs) are a promising technology for direct ocean

capture because they’re a well-established carbon capture technology with a high packing

density and easy module assembly [24]. In order to demonstrate their feasibility for this ap-

plication, lab-scale experiments were conducted with a Liqui-Cel MM-1x5.5 Series Membrane

Contactor purchased from 3M™. Synthetic seawater and NaOH solution were flowed through

the two sides of the HFMC mini-module, and dissolved CO2 readings were taken on samples

at the seawater outlet, as shown in Figure 14. The physical experimental setup is shown in
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Figure 15.

Figure 14: Schematic diagram of the laboratory experimental setup for direct ocean capture

(DOC) using HFMCs. Counter-current flow is depicted as the seawater enters through the

shell-side, and the solvent (NaOH solution) enters the tube-side of the membrane. Samples

are taken at the seawater outlet to measure CO2 concentration.

Figure 15: Picture of HFMC experimental setup at the University of Pittsburgh. The HFMC

is in the center of the experiment, with pump tubing attached to each inlet and outlet. The

two peristaltic pumps flow the seawater and NaOH through the HFMC module, and a syringe

extracts samples from the seawater outlet periodically to measure dissolved CO2 using a

Thermo Fisher ScientificTM sensor (not shown).
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Synthetic seawater was prepared by mixing the proper proportion of Instant Ocean sea

salt into deionized (DI) water. The solution was then exposed to air in an open container

for at least 24 hours to allow the solution to equilibrate with the CO2 in the surrounding

air. 0.6 M NaOH solution was made by mixing DI water and NaOH pellets purchased from

Belle Chemical. Before passing the liquids through the membrane apparatus, the Thermo

ScientificTM OrionTM Versa Star pH/ISE Measurement Module (i.e. the CO2 electrode) was

calibrated using reference points obtained from CO2 calibration standards purchased from

Thermo Fisher ScientificTM and the synthetic seawater solution. During experiments, NaOH

solution was pumped through the tube side while synthetic seawater was pumped through

the shell side of the HFMC mini-module using Catalyst FH100 Peristaltic Pumps purchased

from Cole-Palmer®.

A three-way stopper connected to an airtight syringe is built into the tubing on the

seawater outlet side of the HFMC bundle. For each flow-rate combination tested, the CO2

concentration in the seawater feed was measured. Data samples were then collected from the

syringe at the seawater outlet after allowing both liquids to flow through the HFMC for 10

minutes to reach steady-state. At the 10 minute mark, three seawater samples were collected

using the syringe. The Thermo ScientificTM OrionTM Versa Star pH/ISE Measurement

Module was then used to measure dissolved CO2 in the seawater samples. The results of

these lab experiments are discussed in Section 3.5.

3.4 Modeling

3.4.1 Governing Chemistry of Ocean Water

The ocean’s bicarbonate buffer system is governed by five equilibrium reactions that contain

three participating dissolved inorganic carbon (DIC) species: CO2(aq), HCO
−
3 , and CO2−

3

[213].1

H2O(l) + CO2,(aq)

kf1⇐⇒
kr1

H+ +HCO−
3 (3.1)

CO2,(aq) +OH− kf2⇐⇒
kr2

HCO−
3 (3.2)

CO2−
3 +H+ kf3⇐⇒

kr3
HCO−

3 (3.3)

1A fourth carbonaceous species, pure carbonic acid (H2CO3), is not included in the DIC term. This acid
seldom exists in nature due to its rate of dissociation from H2CO3 into the bicarbonate anion (HCO−

3 ) and is
therefore assumed to entirely contribute to the initial concentration of CO2(aq).
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HCO−
3 +OH− kf4⇐⇒

kr4
CO2−

3 +H2O(l) (3.4)

H2O(l)

kf5⇐⇒
kr5

OH− +H+ (3.5)

To model the instantaneous characteristics of each reaction, several relations between

the equilibrium constants and their temperature-dependent expressions (Table 7) and the

differential forward and backward rate constants of each reaction are needed (Table 8).

Equations 3.6-3.10 describe the rates of accumulation in mol/s of each species in the seawater

model:

rateCO2 = (kr1[H
+] + kr2)− (kf1 + kf2[OH−])[CO2] (3.6)

rateHCO−
3
= (kf1 + kf2[OH−])[CO2]− (kr1[H

+] + kr2)[HCO−
3 ]+

(kf4[H
+] + kr4)[CO2−

3 ]− (kr3 + (kf4[OH−])[HCO−
3 ]

(3.7)

rateCO−2
3

= (kr3 + kf4[OH−])[HCO−
3 ]− (kf3[H

+] + kr4)[CO2−
3 ] (3.8)

rateH+ = kf1[CO2]− (kr1)[H
+][HCO−

3 ] + (kr3[HCO−
3 ]) + (kf5)− (kr5[H

+][OH−]) (3.9)

ateOH− = (kr2[HCO−
3 ])− (kf2[OH−][CO2])− (kf4[OH−][HCO−

3 ])

+(kr4[CO2−
3 ]) + (kf5)− (kr5[H

+][OH−])
(3.10)

Table 6: Seawater pH and chemistry, derived using Henry’s constant, KH , for CO2 diffusion

between the atmosphere and ocean. The atmospheric partial pressure of CO2 was set to 413

ppm [124, 125]. The temperature was assumed to be 298.15 K, with a salinity of 35 and

KH = 29.1144 atm/M [208]. The resulting total concentration of dissolved inorganic carbon

(DIC) is compared against a tabulated value of approximately 2.3 mM [192].

Seawater Initial Condition Concentration (M)

pH 8.05

[CO2(aq)] 1.4185x10−5

[HCO−
3 ] 2.2157x10−3

[CO2−
3 ] 2.9553x10−4

[H+] 8.9125x10−9

[OH−] 1.1220x10−6

[DIC] = [CO2]+[HCO−
3 ]+[CO2−

3 ] 2.5254x10−3
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Table 7: Reaction equilibrium constants for seawater, and their dependence on temperature,

T=298.15K, and salinity, S=35.

Equilibrium

Constant

Dependence on T and S Ref.

K∗
1 =

[H+][[HCO−
3 ]

[CO2(aq)]
= 1.39× 10−6 lnK∗

1 = 2.83655− 2301.1266
T

− (1.5529413 lnT )−
(0.20760841 + 4.0484

T
)S0.5 + (0.08468345S) −

(0.00654208S1.5) + ln(1− 0.001005S)

[63]

K2 =
[H+][CO2−

3 ]

[HCO−
3 ]

= 1.19× 10−9 lnK2 = −9.226508 − 3351.6106
T

−
(0.2005743lnT )+(−0.106901773− 23.9722

T
)S0.5+

(0.11310822S) − (0.00846934S1.5) + ln(1 −
0.001005S)

[63]

Kw1 = [H+][OH−] = 6.06× 10−14 lnKw1 = (−13847.26
T

) + 148.9652− 23.6521lnT +

(118.67
T

−5.977 + 1.0465lnT )
√
S − 0.1615S

[63]
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Table 8: Reaction rate constants and their respective dependencies on temperature , T

in K, and salinity, S [213]. The dependence of kf2 uses a value A4 = 499002.24 ×
e(4.2986×10−4S2+5.75499×10−5S) , and the ideal gas constant R = 8.31451 J/(mol· K) [63].

Rate Con-

stant

Value at T = 298.15 (K),

S = 35

Dependence on T and S Ref.

kf1 3.71 ×10−2 (1/s) e(1246.98−( 6.19×104

T
)−(183 lnT )) [122]

kr1 2.67 ×104 (kg/mol·s) kf1
(K∗

1 )
[213]

kf2 2.23 ×103 (kg/mol·s) A4 e−90166.83(RT )

Kw1
[122,

18]

kr2 9.72 ×10−5 (1/s)
kf2Kw1

K∗
1

[122]

kf3 5.0 ×1010 (kg/mol·s) None [26]

kr3 59.44 (1/s)
kf3
K2

[122]

kf4 6.0 ×109 (kg/mol·s) None [26]

kr4 3.06 ×105 (1/s)
kf4Kw1

K2
[122]

kf5 1.40 ×10−3 (kg/mol·s) None [26]

kr5 2.31 ×10−3(kg/mol·s) kf5Kw1 [122]

3.4.2 Governing Chemistry of NaOH Solvent

The absorption of CO2 in aqueous NaOH solutions proceeds through the following set of

reactions [47]:

CO2 +OH− +
kf6⇐⇒
kr6

HCO−
3 (3.11)

HCO−
3 +OH− kf7⇐⇒

kr7
CO2−

3 +H2O (3.12)

OH− +H+ kf8⇐⇒
kr8

H2O (3.13)

CO2 +H2O
kf9⇐⇒
kr9

HCO−
3 +H+ (3.14)
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The individual rates of accumulation for each species in the NaOH solution are calculated

using each reaction’s rate and equilibrium constants, their respective temperature-dependent

expressions (Table 9), and the following equations:

rateCO2 = kr6[HCO−
3 ]− kf6[CO2(aq)][OH−] + kr9[HCO−

3 ][H
+]− kf9[CO2(aq)] (3.15)

(3.16)rateOH− = kr6[HCO−
3 ]− kf6[CO2(aq)][OH−] + kr7[CO2−

3 ]

− kf7[HCO−
3 ][OH−] + kr8 − kr8[OH−][H+]

(3.17)
rateHCO−

3
= kf6[CO2(aq)][OH−]− kr6[HCO−

3 ] + kr7[CO2−
3 ]

− kf7[HCO−
3 ][OH−] + kf9[CO2(aq)]− kr9[HCO−

3 ][H
+]

rateCO−
3
= kf7[HCO−

3 ][OH−]− kr7[CO2−
3 ] (3.18)

rateH+ = kr8 − kf8[OH−][H+] + kf9[CO2(aq)]− kr9[HCO−
3 ][H

+] (3.19)
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Table 9: Rate and equilibrium constant values at 297 K are provided for equation 3.15 -

equation 3.19 along with their respective temperature-dependent expressions, which are valid

for temperatures between 291 K and 314 K. Here, k∞f6 is the forward rate constant for kf6
at infinite dilution. The density of water, ρw, is assumed to be constant at 997 kg/m3. The

concentrations of Na+ and CO2−
3 are set to 1.0 M and 0.5 M, respectively. “N/A” indicates

that a reaction constant does not vary with respect to temperature [47].

Rate Con-

stant

Value at T = 298.15

K, S = 35

Dependence on T and S Ref.

kf6 7.809 ×101 (m3/mol · s) log(
kf6
k∞f6

)=1.1×10−4 [Na+] + 1.7 ×10−4

[CO2−
3 ]

[187]

kr6 1.703 ×10−4 (1/s)
kf6Kw2

K3
[70]

kf7 6 ×106 (m3/mol · s) None [72]

kr7 1.211 ×106 (1/s)
kf7
K4

[112]

kf8 1.40 ×108 (m3/mol · s) None [72]

kr8 1.280 ×100 (m3/mol · s) kf8
Kw2

[223]

kf9 2.4 ×10−2 (1/s) None [223]

kr9 5.71 ×101 (m3/mol · s) kf9
K3

[223]

K3 4.193 ×10−4 e(−(12092.1(T )−1)−36.781ln(T )+235.48) [70]

K4 4.956 ×100 log(K4) = 1568.94(T )−1 − 2.5866 −
(6.737× 10−3T )

[112]

Kw2 9.143 ×10−9 log(Kw2

ρ2w
) = −5839.5(T )−1 −

22.477log(T ) + 61.206

[223]

3.4.3 Governing Mass Transport

A 1D model using the resistance-in-series (RIS) approach [156] was developed to simulate

the performance of an HFMC for direct ocean capture. This approach was taken because it

is the simplest approach and has produced successful results for other similar applications

[255, 35, 91, 199]. The RIS model is widely trusted in the gas separation field and is a simple,

effective means of determining the rate of CO2 transfer in HFMCs by breaking down the
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mass transfer process into a series of steps: CO2 diffusion through the gas, CO2 diffusion

through the membrane, and CO2 diffusion through the liquid (as shown in Figure 16). In

order to apply this approach, the following assumptions were made: steady-state, isothermal,

uniform membrane properties; no membrane wetting; no axial mixing; and no deformation

due to pressure effects.

Figure 16: Our resistance-in-series (RIS) model for CO2 transport in a seawater/solvent

HFMC. There are mass transfer resistances associated with the tube-side liquid phase, the

membrane, and the shell-side liquid phase. Each resistance can be expressed as the inverse of

the mass transfer coefficient for that phase. The layers included to accomplish this analysis

are the liquid on the solvent side, the solvent liquid film, the membrane, the ocean liquid

film, and the liquid on the ocean side. Figure was modified from [201]

.

The CO2 flux across the HFMC is given by multiplying the overall mass transfer coefficient

by the CO2 concentration difference, ∆CCO2 :

JCO2 = Kov∆CCO2 , (3.20)

where the RIS model is used to determine the overall mass transfer coefficient, Kov:

1

Kov

=
1

kshell
+

1

kmem

+
1

klumen

(3.21)

Mass transfer correlations are needed to determine the two liquid-side mass transfer

coefficients, kshell and klumen. For this model, the ocean water flows through the shell side,

and the solvent flows through the lumen side. The ocean mass transfer coefficient (kshell) is

given by:

kshell =
ShDCO2

dh
. (3.22)
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where DCO2 (m
2/s) is the diffusivity of CO2 in the ocean, dh (m) is the hydraulic diameter, and

Sh is the Sherwood number. The hydraulic diameter is defined as dh = 4(πD
2

4N
− πD2

o

4
)/(πdo),

where D (m) is the module diameter, N is the number of fibers and do is the outer fiber

diameter.

The solvent mass transfer coefficient, klumen, is defined similarly:

klumen =
ShDCO2

di
, (3.23)

where DCO2 (m2/s) is the diffusivity of CO2 in the solvent, di (m) is the inner fiber diameter,

and Sh is the Sherwood number correlation for flow through a tube (or lumen-side). The

Sherwood correlations for both sides of the membrane were proposed by Yang and Cussler for

laminar flow on the shell and lumen sides of cylindrical fibers [240]. The Sherwood number

correlation for the shell side is given by:

Shshell = 1.25

(
dhRe

L

)0.93

Sc0.33CO2
(3.24)

where dh (m) is the hydraulic diameter, L (m) is the membrane length, Re is the Reynolds

number, and ScCO2 is the Schmidt number. The Reynolds number is given by: Re = ρV dh
µ

,

where ρ (kg/m3) is the fluid density, V (m/s) is the velocity, and µ (Pa ·s) is the dynamic

viscosity. The Schmidt number is defined using the kinematic viscosity, ν (m2/s), and the

diffusivity of CO2 in seawater (DCO2,oc): ScCO2 =
ν

DCO2,oc
. The Sherwood number correlation

on the lumen side is defined using the inner fiber diameter, di (m), the membrane length, L

(m), and the Reynolds number, Re:

Shlumen = 1.62

(
diRe

L

)0.33

(3.25)

If we decided to flow seawater on the lumen side and solvent on the shell side, then the

inner and hydraulic diameters, di and dh, in these equations would need to be swapped. Zhao

et al. discuss the advantages and disadvantages of modeling the solvent on the tube and shell

sides [255], and we consider both flow arrangements in our parametric studies later in this

paper.

The membrane mass transfer coefficient is also needed to determine the overall mass

transfer coefficient:

km =
Deff

δ
(3.26)

where the effective diffusivity in the membrane, Deff = (DCO2ε)/τ , is defined as the diffusivity

of CO2 in m2/s, multiplied by the ratio of the porosity to tortuosity of the membrane. The

effective diffusivity is divided by the thickness of the membrane, δ (m) [177].

In addition to obtaining the CO2 removal rate from the seawater, the overall pressure
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drop is calculated for the tube and shell sides of the HFMC. The pressure drop for flow

through the tube-side is calculated using the Hagen-Poiseuille equation:

∆Ptube =
128QµsL

Nπd2i
(3.27)

where Q (m3/s) is the total flow-rate through the fibers, µs (Pa · s) is the viscosity of the

solvent at the corresponding temperature, L (m) is the length of the fiber, N is the number of

fibers, and di (m) is the inner fiber diameter. The pressure drop for the shell side is calculated

using Equation 3.28 [178]:

∆Pshell =
192QµocNLdo(D +Ndo)

π(D2 −Nd2o)
3

(3.28)

where do (m) is the outer fiber diameter, µoc (Pa·s) is the viscosity of the seawater, and D

(m) is the inner diameter of the module.

3.4.4 1D MATLAB® Model

The 1D, steady-state model for laminar flow through an HFMC was created using

MATLAB®. The model calculates the CO2 removal rate on a per stage basis along the

length of the fibers for either the co-flow or counter-current flow configuration. The numerical

scheme of the code is shown in Figure 17.

57



Figure 17: Flow-chart of the 1D, steady-state model used to solve for CO2 flux in an HFMC

exposed to NaOH solvent and seawater. The step-by-step process is illustrated for both

the co-current and counter-current flow configurations. The co-current model only needs to

iterate through the first loop (with purple arrows), whereas the counter-current model needs

to also iterate through the second loop (with blue arrows) after completing the first loop.

Each model is subdivided into nodes along the length of the fibers, as shown in Figure

18. The ocean and solvent domains are illustrated using blue and green, respectively. CO2

flux at each node (JCO2,i) is determined by the difference in CO2 concentrations between

the seawater and solvent at that node (CCO2,oc,i − CCO2,s,i), and the overall mass transfer

coefficient at that node (Kov from Equation 3.21).
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Figure 18: Graphics of 1D Matlab ® models for co-current (top) and counter-current (bottom)

HFMC flow configurations. The seawater domain is blue; the membrane domain is white;

and the solvent domain is green. The model is 1D in the flow-direction of the seawater, and

the CO2 flux at each node (JCO2,i) is determined by the concentration difference in that node

and overall mass transfer resistance at that node.

3.5 Results and Discussion

3.5.1 Model Validation

The purpose of this section is to validate our 1D MATLAB® model against lab-scale

experiments. The properties of our lab-scale membrane device and experimental conditions are

summarized in Table 10. The membrane properties in this table come from the specification

sheet for the 3M® mini-module used in our lab. All of the properties listed in Table 10 were

put into our 1D model in order to compare it to our experimental data. No fitting parameters

or unknown inputs were used in this validation to fit the model to our data.
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Table 10: Membrane device properties and other parameters from our lab-scale experiment

that were inputs to our 1D model to perform our validation.

Lab-scale Membrane Properties [2] Other Lab-Scale Experimental Conditions

Material Polypropylene/

Polyurethane

Flow rate (mL/min) 10-1000

Shell-side volume

(mL)

25 Temperature (K) 298

Tube-side volume

(mL)

16 DCO2 (m2/s) 2.3227E-9

Number of fibers 2.3E3 ρ (kg/m3) 1.0233E3

Outer fiber diameter

(m)

3E-4 µoc (Pa ·s) 9.661E-4

Inner fiber diameter

(m)

2.3E-4 µsol (Pa · s) 8.988E-4

Hydraulic diameter

(m)

0.025 Salinity 35

Membrane length

(m)

0.1

Porosity 0.5

We tested a range of seawater flow-rate ratios experimentally and collected multiple

samples at the seawater outlet to measure CO2 outlet concentration at each flow-rate ratio.

The experiments were conducted in the co-current configuration for seawater:solvent flow

ratios of 1:1, 2:1, 4:1 and 8:1. The seawater was pumped through the shell side of the HFMC,

and 0.6 M NaOH solution was pumped through the tube side of the HFMC, as shown in

Figure 14. The results of this experiment are compared to MATLAB® model predictions in

Figure 19. The experimental results are in moderate agreement with the code predictions for

seawater outlet CO2 concentration, especially considering that we used no fitting parameters

to get our model to match the experimental data. The main reason for the discrepancies

between the experimental and the modeled results is that the Thermo ScientificTM OrionTM

CO2 electrode sensor becomes less accurate at lower CO2 concentrations (below 4.4 ppm).

For future work, a new sensor designed for accurate low CO2 concentration measurements

should be used. An in-line CO2 sensor should also be used in the future to limit atmospheric

exposure to the sample collected at the seawater outlet while transferring it to be measured.

In addition, the HFMC used for the experiment was additionally used for testing trial runs.

After months of use, it is safe to assume some wetting might have occurred which could
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alter the final CO2 concentration. However, these results demonstrate that CO2 can be

removed experimentally from seawater using our proposed HFMC design. These results also

demonstrate that our model does a decent job of predicting performance.

Figure 19: CO2 concentration in seawater outlet vs. seawater:solvent flow ratio for lab-scale

experiments (shown as green markers with error bars) and our 1D Matlab model (shown as a

solid blue line). Error bars were calculated by taking the sample standard deviation for all

data collected at the given flow-rate ratio. Solvent flow-rate was fixed at 200 mL/min for all

results, while seawater flow-rate was varied from 200-1200 mL/min.

3.5.2 Parametric Studies

The previous validation section used a small, lab-scale membrane device in order to

compare our model to the data collected with our mini-module in the lab. However, for the

rest of this paper, we will work with a much larger membrane from the 3M® catalog in order

to predict performance of a full-scale membrane bundle that could be used for pilot and

commercial systems. The membrane dimensions for our large-scale membrane bundle are

compared to the dimensions of our lab-scale bundle in Figure 20.
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Figure 20: HFMC bundle dimensions for a) our lab-scale experiments and model validation

(Section 3.5.1), and b) the full-scale model parametric studies (∼ 8x larger) and TEA (Sections

3.5.2 - 3.6). Membrane dimensions for both devices come from 3M™’s specification sheets

[2, 1]

.

The dimensions of the larger bundle shown in Figure 20 are used for the rest of this paper

come from the 3M™ Liqui-Cel

texttrademark EXF-14x40 Membrane Contactor [1]. Table 11 details the membrane properties

and other parameters that are inputs to our model to match this larger bundle design.
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Table 11: Membrane bundle properties and other model input parameters used to model a

large HFMC bundle in Matlab®.

Large Membrane Bundle Properties [1] Other Model Input Parameters

Material Polypropylene Velocity (m/s) 0.5 - 10

Shell-side volume (L) 51.3 Temperature (K) 298 - 308

Tube-side volume (L) 23.8 DCO2 (m2/s) 2.3227E-9

Number of fibers 1.95E5 ρoc (kg/m
3) 1.0233E3

Outer fiber diameter (m) 3E-4 ρsol (kg/m
3) 9.97E2

Inner fiber diameter (m) 2.3E-4 µoc (Pa · s) 9.661E-4

Hydraulic diameter (m) 0.0019 µsol Pa · s) 8.988E-4

Membrane length (m) 1.016 Salinity 35

Porosity 0.5

i Impact of Flow Configuration on Performance

Flow configuration (co-flow vs. counter-flow) and liquid placement (shell- vs. tube-side)

are studied here to determine the optimal conditions for CO2 removal rate. Figure 21

compares CO2 fluxes for the co-current and counter-current configurations and for seawater

on the shell side vs. the tube side of the membrane. The results from Figure 21 indicate that

flow configuration has a minimal effect on CO2 flux. The similar performance of co-current

and counter-current makes sense in light of the fact that CO2 loading is minimal in the NaOH

solution along the length of the membrane. Therefore, running NaOH solution counter-current

to the seawater doesn’t add much benefit since the inlet and outlet CO2 concentrations in

the NaOH are so similar. However, CO2 flux does increase when pumping seawater through

the shell side of the membrane rather than the tube side. This result indicates that the

mass transfer resistance on the tube side is more dominant, therefore decreasing flux, due to

the smaller fiber volume in relation to the shell side (i.e., Equation 3.22 uses the hydraulic

diameter rather than the inner diameter of the fiber). Based on the results in Figure 21, we

can conclude that flowing seawater on the shell-side increases CO2 flux, but co-current and

counter-current flow result in similar CO2 fluxes. The remaining results presented in this

section will only illustrate counter-current flow with the seawater flowing through the shell

side.
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Figure 21: Modeled CO2 flux vs. velocity of both liquid for four designs: co-current vs.

counter-current for seawater on the tube side and seawater on the shell side. The ∗ symbols

represents counter-current flow, and co-current flow is represented by lines. The blue lines

and markers depict seawater flowing through the shell side, and the black lines and markers

depict seawater flowing through the tube side. There are minimal effects between flowing

the liquids in co- or counter-current direction. However, flowing seawater on the shell side

increases flux.

ii Pressure Drop in the HFMC

Pressure drop is an important factor in designing a HFMC device, so we investigate the

pressure drop across the tube- and shell-sides of the device over a range of fluid velocities

here. Figure 22 shows the pressure drop as a function of fluid velocity on both sides of the

HFMC. As expected, the shell-side velocity is smaller than the tube-side due to the fact

that fluid has to flow through narrow channels on the tube-side. Whereas pressure drop

stays below 10 bar on the shell-side even at 10 m/s, the tube-side pressure drop quickly rises

above 10 bar at a fluid velocity of just 1.5 m/s. These results indicate that fluid velocity on

the tube-side should be kept small to minimize pressure drop and therefore operating costs.

Furthermore, these results provide further justification for flowing seawater on the shell side

because seawater will need to flow much faster than the solvent in order to provide sufficient

CO2 and give the solvent time to load.
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Figure 22: Pressure drop across the shell-side and tube-side of the HFMC bundle as a function

of fluid velocity. Pressure drop is minimal across the shell-side, but increases dramatically

with respect to velocity across the tube-side.

iii Effect of temperature

The effect of temperature on CO2 flux is shown in Figure 23 for a 1:1 seawater:solvent flow

ratio. The operating temperature was varied from 292 – 308 (K) in accordance with the

temperature limits of our kinetic models. This temperature range is also around the national

average temperature range of surface seawater. As shown in Figure 23, CO2 flux increases

with increasing operating temperature. This is expected because the rate of the absorption

reaction between NaOH and CO2 increases with temperature. These results suggest that our

technology might be better suited for seawater at warmer climates.
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Figure 23: CO2 flux (kg/m2s) as a function of solvent and seawater velocity (m/s) for a

range of temperatures (K). Lighter colors correspond to lower temperatures; darker colors

correspond to higher temperatures. CO2 flux increases with respect to temperature.

iv Effect of membrane thickness

Figure 24 shows CO2 fluxes for a range of membrane thicknesses. The membrane thickness

was varied in order to observe the role of membrane mass transfer resistance in the system.

As expected, the CO2 flux increases as the membrane thickness decreases. More specifically,

CO2 flux roughly doubles when the membrane thickness is halved from 40 to 20 microns.

This indicates that membrane mass transfer resistance is a dominant resistance in the overall

mass transfer process. These results imply that more effort should be focused on minimizing

membrane thickness than on minimizing other mass transfer resistances in order to optimize

CO2 flux for our system.
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Figure 24: CO2 flux as a function of fluid velocity for a range of membrane thicknesses. Lighter

colors correspond to thicker membranes; darker colors correspond to thinner membranes.

Decreasing the membrane thickness dramatically increases the CO2 flux.

3.5.2.1 Loading Time Study

The previous parametric studies all assumed that unloaded NaOH solvent flowed once

through a HFMC device and never recirculated. However, in a real system, this would likely

lead to very low NaOH loading and therefore high regeneration costs since a lot of solvent

would need to be regenerated to extract a small amount of CO2. In order to investigate

how long NaOH solvent would need to be in contact with seawater to fully load, we ran our

model under conditions where the solvent was held stagnant on one side of the HFMC while

seawater flowed on the other side. For this study, the temperature was varied from 292-308

(K) to study the impact of temperature on loading time. Seawater velocity was fixed at 10

m/s, and all other model parameters were fixed at the values listed in Table 11. Based on

the results of this study (shown in Figure 25), the solvent reached a final capacity of around

0.38-0.39 mol CO2/L over the course of 16-20 hours (higher temperatures result in faster

loading). This loading time on the order of hours is consistent with DAC processes, which

tend to be slower than point-source capture processes due to the lower CO2 concentrations

[170, 123]. Since the residence time for NaOH solution flowing through an HFMC is on the

order of seconds rather than hours, a real system would either need to recirculate NaOH

solution many times or hold it stagnant until it loads before regenerating (a batch process).
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This is a practical system design limitation that should be explored further in future work.

Figure 25: NaOH solvent loading as a function of time for stagnant solvent-exposed to fresh

seawater in an HFMC. The maximum observed capacity is approximately 0.38-0.39 (mol

CO2/L) and is reached at around 16-20 hours.

3.6 Techno-Economic Assessment

A preliminary techno-economic assessment (TEA) was performed to determine the

feasibility of scaling up this concept to a large direct ocean capture facility. Due to the novelty

of the system design, the TEA was based on a theoretical system mimicking a direct air carbon

capture plant. For this TEA study, we used the time-averaged CO2 flux for 300 K obtained

from our NaOH loading study (Section 3.5.2.1), which came out to 5.839e-09 (kg CO2/m
2s).

The system size was matched to the CO2 capture rate of Carbon Engineering’s proposed

DAC system, which captures 980,000 CO2 tonnes/year [126]. The TEA here considers both

capital and operating costs for all components needed for absorption, regeneration and CO2

compression for a greenfield installation. A simplified graphic of the capture and regeneration

process is shown in Figure 26 to highlight the components that were considered.
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Figure 26: Graphic of our proposed system design for HFMC direct ocean capture. Many

HFMC contactor bundles separate CO2 from seawater using NaOH solution, increasing the

seawater pH. The regeneration process is the same one used by Keith et al. [128] to regenerate

NaOH solution for DAC. The pellet reactor converts Na2CO3 back to NaOH; the calciner

removes CO2 from CaCO3, and the slaker converts CaO to Ca(OH)2(s) [58].

The breakdown of the capital and operating costs for our system is given in Table 12.

The equivalent annual operating cost (EAOC) in Table 12 is calculated using the equation

below, where Y OC is the yearly operating costs, i = 10% is the assumed discount rate, and

n = 20 years of plant life [134]:

EAOC = CapitalCost(
i

1− (1 + i)−n
) + Y OC (3.29)
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Table 12: Estimated capital and operating costs for a direct ocean capture HFMC plant that

captures 980,000 CO2 tonne/year. The total capital and equivalent annual operating costs

(EAOC) shown are based on a seawater pH of 8.1 and all costs are in 2022 Dollars, where K

is thousands, M is millions, and B is billions.

Capital Costs

Equipment Quantity Unit Cost Reference

0.6 M of NaOH 4.20E08 $4.04/lb American Elements® Quote

EXF 14x40 HFM 2.61E4 $ 5K/HFM 3MTM Quote with 20% Discount

Seawater pump 5.06E07 $ 7.5K/pump Sulzer Quote

NaOH pump 5.06E06 $ 7.5K/pump Sulzer Quote

CO2 compressor $ 17.2M [129]

Slaker $ 4.38M [129]

Calciner $ 4.38M [129]

Pellet Reactor $ 76.9M [129]

Total Capital Costs $ 93.2B

Operating Costs

Pumps for seawater 1 year $ 7.59B [127, 126, 3]

Pumps for NaOH 1 year $75.9M [127, 126, 3]

Regeneration 1 year $74.5K [129]

Total Operating Costs $8.34B
EAOC $ 8.83B

CO2 Costs $ / tonne CO2 9,565

As shown in Table 12, the cost of a plant based on our technology is exorbitant in

comparison with benchmark DAC costs (∼ 16x more expensive) of a few hundred dollars

per tonne of captured CO2. The main reason the cost is so high is due to the low CO2

fluxes, which are a result of the low CO2 concentrations in seawater. Although our previous

parametric studies show that optimizing some input variables (e.g. flow-rate, temperature,

membrane thickness) can improve CO2 flux, the benefit of optimizing these parameters will

be insufficient to make this system cost-competitive with DAC. One way to make DOC

cost-competitive with DAC is to lower the pH of the seawater, which in turn releases gaseous

CO2 and increases CO2 flux (reducing the number of membranes needed). We ran our 1D

model for pH values ranging from 5 - 8.1 and updated the carbonaceous species concentrations

for each corresponding pH. Figure 27 shows the cost of capture per tonne of CO2 for four

pH values: 5, 6, 7 and 8.1 (current ocean pH), and shows the capital, operating, and EAOC

cost breakdown per pH. For this analysis, we assumed that the membrane cost would double
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each time the pH was lowered another whole number to account for the extra cost of locally

treating seawater pH. As shown, the capture cost decreases dramatically as pH drops, even

after introducing additional cost that account for membrane surface treatment to lower the

pH. This result suggests that the primary way to drive down system cost is to reduce the

number of membranes (by reducing the pH, which in turn raises CO2 flux).

Figure 27: Cost per tonne of CO2 captured for four pH’s. Each bar is broken down into

operating costs (in blue) and capital costs (in orange). The results show a significant decrease

in capture cost as pH decreases, although capital costs seem to be the dominating contributor.

This could be because of the number of membranes needed to achieve similar capture costs

as the DAC system that is being compared.

The results of this preliminary TEA indicate that our proposed design is prohibitively

expensive unless the seawater pH is lowered. However, the technology becomes competitive

with state-of-the-art direct air capture systems (∼$200-300 dollars/tonne CO2) if local pH

can be lowered below about 6. Further research should be focused on membrane surface

treatment of HFMCs to raise CO2 flux and make them competitive with DAC technologies.

Although it would be energy-intensive to lower the pH of the entire seawater stream [237, 73],

one promising workaround is to passively lower the local pH of seawater at the membrane

surface by adding chemical groups to the membrane surface on the seawater side. For example,

introducing carbonic anhydrase (a mimic of the enzyme in mammal blood that converts

bicarbonate to gaseous CO2) could significantly raise gaseous CO2 levels at the membrane

surface. Carbonic anhydrase has been coated on HFMCs for flue gas carbon capture, and

has significantly raised CO2 fluxes [15, 94]. This catalyst has also been incorporated into
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HFMC systems that focus on CO2 separation from blood flow following similar methodologies

[173, 221].

3.7 Conclusions

In this paper, we successfully demonstrated through lab-scale experiments and simulations

that CO2 can be separated from seawater using HFMCs. We were able to validate our 1D

MATLAB® model using lab-scale dissolved CO2 measurements on an HFMC mini-module.

Parametric studies using our 1D Matlab model showed that CO2 flux can be optimized

by increasing temperature, increasing flow rates, and decreasing membrane thickness. We

performed a simulation of NaOH solvent loading vs. time, and found that the solvent reaches

a final capacity of around 0.39 mol/L after 16-20 hours. This long loading time indicates that

a batch process will likely be needed to ensure a long solvent residence time. Our techno-

economic assessment showed that a system based on our design would be too expensive under

normal seawater conditions due to low CO2 fluxes, which lead to prohibitively high membrane

costs. However, our TEA results show that this technology could be cost-competitive with

DAC if local pH could be lowered below about 6 on the seawater side.

As future work, membrane surface treatments using carbonic anhydrase or other amine

groups should be applied to the seawater-side of the membrane to locally lower pH levels and

raise CO2 flux. Future research should also go into coupling our technology with desalination

membranes to reduce capital and operating costs by taking advantage of existing infrastructure.

This could either be done directly (e.g. a hybrid membrane that simultaneously removes

CO2 and water from seawater) or indirectly (e.g. placing a DOC membrane downstream

of a desalination membrane). This kind of coupling would reduce DOC operating costs

and provide a platform for rapid scale-up of DOC technology. Further modeling work is

also needed to predict CO2 fluxes at higher NaOH concentrations and with other solvents

with faster kinetics. Additionally, more complex 2D-axisymmetric and 3D models should be

developed to investigate and optimize mass transport in a direct ocean capture HFMC bundle.

Other membrane configurations should also be investigated, such as encapsulated solvents,

that could lead to higher surface areas and reduced mass transfer resistance. Overall, direct

ocean capture (DOC) using HFMCs is a nascent concept that requires further investigation

and optimization. This paper demonstrates that CO2 separation from seawater using a

HFMC is possible, and identifies design improvements and future research directions to make

HFMC direct ocean capture economically viable.
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4.0 ”Modeling Gas Separation in Flat Sheet Membranes: Impact of Flow

Channel Size Variation”

Flat sheet membranes offer many advantages over other membrane configurations, (e.g.

ease of maintenance and low-pressure drops) that make them a strong candidate for post-

combustion carbon capture. A performance model for a stacked flat sheet membrane module

is reported in this work. The model is based on the reported specifications for the Gen

2 Polaris™module developed by Membrane Technology & Research (MTR) and predicts

performance based on the solution of the governing momentum and mass balance equations.

The model accounts for variability in flow channel heights within the module that can arise

during module manufacturing. The model is first verified against similar membrane models.

Simulations are then performed over a wide range of conditions to demonstrate how much

performance declines as channel height variability increases. As per the performance metrics,

the dimensionless feed flow rate processed per unit membrane area (f-curve) shows the

greatest decline. The changes in performance are comparable to those that occur with hollow

fiber membrane modules that possess similar fiber size variations. Together, the results of

this study indicate that flow channel height variation in flat sheet membrane modules can

hurt CO2 separation performance, but the impact is minor except at low CO2 retentate

compositions with large channel height variation (e.g. a 10% decline in stage cut performance

for a mixture with 94% CO2 in the permeate stream and 30% channel height variation).

However, high variation has a significant impact on overall membrane area with a 30%

increase at 30% variation.
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Figure 28: Graphical abstract representing the channel height variation between the membrane

sheets in a flat sheet membrane in cross-flow.

4.1 Introduction

Membranes act as a permeate barrier to separate gas components based on molecular

diffusivity and solubility. Membranes have been successfully developed for carbon capture

processes where CO2 is separated and stored from flue gas streams to mitigate global warming

caused by greenhouse gases. The most common membrane configurations for CO2 separation

are: hollow fiber [193], spiral wound [22], and flat sheet [21] membranes (as shown in Figure

29). Flat sheet membranes (Figure 29a) consist of many flat membrane sheets stacked

on top of each other; hollow fiber membranes (Figure 29b) consist of thousands of hollow

fibers packed into a bundle; and spiral-wound membranes (Figure 29c) are essentially flat

sheet membranes rolled into a collection tube. For the purposes of this work, spiral wound

membranes will be considered a different membrane configuration.
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Figure 29: Graphic illustrations of three membrane configurations: a) flat sheet membrane in

cross flow, b) hollow fiber membrane in co-current flow, c) spiral wound membrane before

and after spinning.

Hollow fiber membranes (HFMs) are the most studied configuration for gas separation

purposes, where modeling efforts date back to 1950 [234]. This is because they have a high

surface area per unit volume, i.e. high packing density, to promote gas transfer [230]. With

increasing demands to mitigate global warming, many membrane modeling studies have

focused their efforts on carbon capture using HFMs [185, 53, 135, 202, 10], studying non-ideal

conditions such mass transfer resistance [188], non-binary CO2 separation [41, 143], and

non-ideal flow distributions [225, 14].

While HFMs have been developed for CO2 separation purposes, they have some downsides,

such as fiber plugging and high pressure drops [191]. In contrast, flat sheet membranes, also

known as plate-and-frame membranes, offer advantages that combat these obstacles, such as

lower pressure drops and improved mass transfer due to the feed spacer [21, 239, 83, 121].

Additionally, flat sheet membranes are simple to manufacture and easy to clean [30]. Most

studies for flat sheet membranes focus on experimentation or membrane materials for carbon

capture. Experiments have observed the effect that fine particles in a gas mixture have

on CO2 separation using flat sheet membranes [232], as well as testing membrane material

performance for carbon capture, including surface modification and mixed matrix membranes

[179, 78, 99, 210, 62, 139, 31].

Due to the advantages of flat sheet membranes, different applications, such as vapor

permeation [155] and desalination [96, 214], have developed models to predict their perfor-

mance. However, few flat sheet modeling efforts have been documented for carbon capture

applications. Bougie et al. developed a model to study flat sheet membrane contactors (i.e.,
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a liquid and a gas flows through the membrane) for CO2 removal from gas mixtures using

amines [39]. Rasouli et al. also studied a flat sheet membrane contactor using immobilized

carbonic anhydrase for CO2 capture via experimental and computational efforts [196, 195]. A

2D model was developed to investigate mass transfer within flat sheet membrane contactors

for CO2 separation [161]. Membrane separation processes can be advantageous relative

to such absorption processes in that the membrane process is continuous, not cyclic, and

membranes do not require solvent regeneration.

Current literature on flat sheet membrane modeling without solvents for carbon capture

is limited. A 1D flat sheet model for CO2 separation was developed by Brinkmann et

al., who implemented countercurrent flow to maximize the partial pressure driving force

for gas separation [40]. Moreover, this literature has not considered the impact of non-

ideal conditions such as manufacturing defects. Incorporating manufacturing defects into

computational models is an important next step to predict performance under realistic

conditions.

Spiral wound membranes (Figure 29c) have a few studies investigating manufacturing non-

idealities, such as spacer channel configuration. The spacer configuration has been compared

and optimized for specific conditions [146, 5]. Hollow fiber membrane modeling studies

have also shown that membranes can be highly sensitive to variations in the manufacturing

process, such as variation in the fiber properties [151], fiber inner diameter [75], and fiber

wall thickness [54]. These manufacturing variations can all lead to a dramatic reduction in

separation performance. For example, a 10% variation in fiber inner diameter decreases the

retentate recovery and product flow rate by 35% and 50%, respectively [151]. This directly

affects the membrane area and work required to reach the desired capture rate of 99%. This

large decrease in performance for HFMs motivates the need to study how geometric variations

effect flat sheet membrane performance. Although there are no publications to our knowledge

that model manufacturing variability in carbon capture flat sheet membranes, the literature

has emphasized that dispersing sheets uniformly improves CO2 separation performance in

flat sheet modules [242]. This claim further supports the need to investigate non-uniform

conditions in flat sheet membranes for carbon capture.

A flat sheet membrane module model is presented here for gas separation that characterizes

performance over a range of anticipated operating conditions and analyzes the effects of flow

channel height variation. Specifically, a 1D model was developed here to mimic Membrane

Technology & Research (MTR)’s Gen 2 Polaris™membrane design that has recently undergone

pilot testing at Technology Centre Mongstad. First, we present the methodology used for

incorporating channel height variation in the governing momentum and mass balances to

predict CO2 separation performance. Next, the model is validated with ideal (uniform)

conditions and the effect of non-uniform channel heights evaluated. Finally, the results are

compared against a non-uniform hollow fiber membrane model to test which module type

yields better performance.
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4.2 Model Description

4.2.1 1D Flat Sheet Model Overview

Our 1D flat sheet model is based on fundamental mass balance equations. Flow channel

heights vary within the flat sheet bundle, as shown in Figure 30.

Figure 30: Graphic representation of the 1D model of a flat sheet bundle with varying channel

heights. The graphic illustrates the relationships between each channel and the mass balance

equations. The channel heights, h (m), are defined based on the type of channel (permeate,

p, or retentate, r), channel number, k, and membrane number, m, which varies from 1 to N.

The component number is defined as i,. The pressure, P (Pa), is defined as a function of

the flow rate, Q (mol s−1), and channel height for the retentate (r) channels. The permeate

(p) channel flow rate deviations are considered negligible because this is for a cross-flow

configuration. The permeate channel flow rate is described in Equation 4.6.

Figure 30 is used to identify the permeate and retentate channels that contact a membrane

m. Gas permeation rate across the membrane are given by:

Evenk : Jm,i = qm,ia(x(m/2),iPrk,m/2 − y(m/2)+1,iPpk,(m/2)+1) (4.1)

Oddk : Jm,i = qm,ia(x(m+1)/2,iPrk,(m+1)/2 − y(m+1)/2,iPpk,(m+1)/2) (4.2)

where the membrane flux, J (mol m−2s−1), is calculated as the product of gas permeance,

membrane area, and gas partial pressure difference for a given component (i). In Equations
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4.1 and 4.2, q (mol m−2 s−1 Pa−1) is the membrane permeance (assumed constant for

each membrane sheet), a (m2) membrane area, x retentate (high pressure) mole fraction, y

permeate (low pressure) mole fraction, m membrane number, and P retentate and permeate

pressures (Pa). Note that the retentate and permeate channel numbers for the channels that

contact membrane m are indicated in Equations 4.1 and 4.2 by the subscripts on x, y, and P.

Additionally, Jm,i is set to 0 for m=0 and m=N+1 in the first and last permeate channel

mass balances, respectively.

The following assumptions were made to obtain mass balance equations for the flat sheet

membrane module:

1. Retentate and permeate flow channels use similar spacer materials.

2. Membrane properties (i.e., gas permeance, solubility, diffusivity) are uniform along the

length of the membrane.

3. System properties (i.e., viscosity, density) are considered constant.

4. Mass transfer resistance in the gas phase is negligible.

5. Axial diffusion in the direction of gas flow is negligible.

6. Membrane geometry does not undergo deformation due to pressure effects.

7. Membrane module operates under steady-state and isothermal conditions.

The flow channel heights were calculated assuming a Gaussian distribution of heights with

a mean value (µ) of 250 µm and a range of standard deviations (σ): 0% (no variation), 10%

(low variation), 20% (medium variation), and 30% (high variation). Standard deviations are

reported as a percentage of the mean, e.g., 10% variation corresponds to a standard deviation

of 25 µm. Simulations were performed for a 100 membrane stack corresponding to the number

of membranes in MTR’s module, with channel heights for the feed and permeate channels

selected randomly from the Gaussian distribution [104, 103]. Since the membrane area was

set as a constant value, the permeate channels were thus also randomized in reference to the

channel height of the surrounding retentate channels. The Gaussian distribution generated a

uniform set of random numbers between 0 and 1 and solved for the value of height for which

the cumulative distribution function was equal to the random value. This was repeated for

50 different samples of the Gaussian distributions, and the channel heights were averaged to

obtain a final set for module performance for each standard deviation considered. Sample

flow channel height distributions are illustrated in Figure 31.
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Figure 31: Distributions of 100 channel heights for standard deviations of 10% (left), 20%

(middle) and 30% (right). Here, each distribution is compared to its theoretical Gaussian

distribution (black curve), showing good agreement with expected values.

4.2.2 Theoretical Implementation & Numerical Methodology

For each standard deviation percentage, the calculated channel heights were used as

inputs to the model to calculate the inlet cross-sectional area for the inlet feed flow rate. The

modeling methodology, shown in Figure 32, is discussed in incremental order; however, the

code itself is nested into three main loops: red loop (re-initialize), blue loop (integration

along length), and purple loop (calculate permeate until convergence).
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Figure 32: Flow-sheet representing the flat sheet membrane code methodology, which

consists of three nested loops: 1) the red, outermost loop is where simulation parameters

are (re)initialized; 2) the blue, middle loop integrates the flux equations and mass balances

along the length of the membrane; and 3) the purple, innermost loop applies the fundamental

equations on a per-channel basis.

4.2.2.1 (Re)initialize calculations until solution is reached (outermost red loop

in Figure 32)

The pressure drop (∆P ) across each flow channel is assumed to be constant and must

be specified prior to solving the mass balances. The flat sheet membrane module simulated

mimics MTR’s Gen 2 Polaris™membrane, which has 100 membrane sheets. A pressure drop

ranging from 15,000 Pa to 40,000 Pa was chosen to achieve a CO2 retentate composition of

2% to 18%. For a given pressure drop, the flow rate per channel is determined iteratively to

obtain the specified value.
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First, the initialized pressure drop is used to calculate the initial guess for the feed flow

rate (Qtot). This is a necessary step to be able to apply the value to the fundamental equations

(Equations 4.4 - 4.12). The pressure drop and volumetric flow rate relationship used is shown

in Equation 4.3 [97]:

∆P

L
=

12µ

h3
chWρ

Qtotkr
(4.3)

where W (m) is the width of the membrane, L (m) is the length of the membrane, ρ

(mole ·m−3) is the density of the stream mixture, µ (Pa · s) is the viscosity of the stream

mixture, hch (m) is the channel height, and kr is the channel number. Applying this

relationship, the friction factor is calculated as λ = (12µL)/(h3
chWρ), i.e., ∆P = λ(Qtotkr

).

Then, the feed flow rate is used to calculate the inlet component flows, Qkr,i (mol · s−1),

based on the known feed composition, φi, as shown in Equation 4.4.

Qkr,i = ziQtotkr
(4.4)

The initial estimates of flow rates for each retentate channel are passed onto the next

loop that integrates along the length of the membrane to solve the fundamental equations

along the length of the module.

4.2.2.2 Integration along the length of the membrane (blue, middle loop in

Figure 32)

Although we are considering non-uniform channel heights, the rest of the model is ideal

(see assumptions listed above). Therefore, established mass balance equations are used to

solve for the change in gas concentration along the length of the membrane. This approach

has been used in previous work and proven to provide accurate results for an ideal membrane

model [185]. The length of the membrane is divided into a series of n stages, as shown in

Figure 33.
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Figure 33: A single retentate channel in the membrane module (red), with the membrane

below (green). The gas feed enters at the left-hand-side of the graphic, and the retentate gas

exits at the right. The membrane model is discretized into n nodes along the length of the

retentate channel, where j represents the current node. Qkr,i are the retentate flowrates on a

per channel, kr, basis for i gas components, and Qkp,i are the permeate flow rates.

For the cases considered in this work, 100 stages were deemed appropriate after a grid

independence study was performed to demonstrate the results change by less than 0.2% upon

increasing the stage number from 100 to 150. Computational times were less than one minute

for each case. All the module performance variables, such as the retentate and permeate

channel flow rates, take each stage number j into consideration.

4.2.2.3 Solve momentum and mass balances for each stage (purple, innermost

loop in Figure 32).

After initializing the feed rate, momentum and mass balances are solved for each stage.

The calculation of the permeate composition in each permeate channel requires an iterative

procedure due to the contribution of two feed/retentate channels to each permeate channel

(except for the first and last permeate channel) and the implicit nature of the mass balances

for cross-flow. An example is illustrated in Figure 34.
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Figure 34: The feed will enter in through the retentate channels bordered by membrane

sheets. The gas feed permeates through the membrane into the permeate channels.

For the initial stage (j = 1), the initial guess for the permeate composition is calculated

based on the feed composition as shown in

ykp,i = φi (4.5)

Using the initial guesses for permeate mole fractions, cross-flow component permeate flow

rates are calculated as the sum of the component permeate flows from the two neighboring

retentate channels:

Qkp,i = qi,u(PH,uxi,u − PL,kpykp,i) + qi,l(PH,lxi,u − PL,kpykp,i) (4.6)

where Qkp,i (mol · s−1) is the permeate flow rate on a per-channel (kp) and component (i)

basis, qi is the fixed permeance per component, PH and PL are the high and low pressures of

the system in Pascals (also called the “feed” and “permeate” pressures, respectively), u and l

indicate the upper and lower membranes for permeate channel kp, respectively,and ykp,i and

xi are the permeate and retentate mole fractions, respectively.

Improved estimates for ykp,i are obtained through a direct substitution method using

Equation 4.7 to obtain each subsequent estimate:

ykp,i =
Qkp,i

Qtotkp

(4.7)

where the total permeate flow rate (Qtotkp
) is the sum of the component flow rates over

all of the components.
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For permeate channels adjacent to the external case, permeation occurs from only one

retentate channel. This is shown in Equation 4.8 for the first permeate channel, kp = 1. For

the last permeate channel, kp = N/2 + 1, permeation only occurs from the last retentate

channel (Equation 4.9):

y1,i =
qi,1(PH,1xi,1)

Qtot1

(4.8)

y(N/2)+1,i =
qi,N/2(PH,N/2xi,N/2 − PL,(N/2)+1yi,(N/2)+1)

Qtot(N/2)+1

(4.9)

Equations 4.6 – 4.9 are repeated until the permeate compositions reach the convergence

criteria, defined within an error of 1e-6 and 25 maximum iterations. Once the permeate

channel information is calculated per channel, the information is fed back to the middle, blue

loop to calculate the retentate channel information on a per-stage basis.

4.2.2.4 Calculate the retentate flowrates test solution range for convergence

(returning to middle, blue loop in Figure 32)

After the permeate flow rates and mole fractions are calculated, the retentate flow

rates from each stage are recalculated using the information from the permeate channels.

Permeation from the feed channel occurs to both an upper (u) and lower (l) permeate channel

as given by Equation 4.10:

Qkr,i = Qkr,i − Ljqi,u(PH
Qkr,i

Qtotkr

− PL,uy
∗
i,u)− Ljqi,l(PH

Qkr,i

Qtotkr

− PL,ly
∗
i,l) (4.10)

In Equation 4.10, y∗i,l and y∗i,u corresponds to the solutions found in Equations 4.8 and 4.9

for the two adjacent permeate channels. The length is taken on a per-stage basis, Lj. With

the updated retentate flow rate, the pressure within the retentate channel at that stage is

calculated using the friction factor correlation in Equation 4.3:

Pkr = Pkr − λQkr,iLj (4.11)

These fundamental equations are all integrated on a per-stage basis, updating along

the length of the membrane. The final calculation is fed to the original red loop to either

complete the simulation or re-initialize the input parameters if the pressure drop conditions

are not met (below).
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4.2.2.5 Calculate the final solution per assigned pressure drop condition (re-

turning to red, outer loop in Figure 32)

Finally, after completing the blue and purple loops, the red loop is reintroduced, which

tests if the calculated pressure drop solution has converged within the desired pressure drop

range. Per retentate channel, the pressure drop is calculated in reference to the feed pressure,

Ph, and the pressure calculated in Equation 4.11. The pressure drop needs to match the

assigned pressure drop within an absolute tolerance of 0.1% of the feed pressure for the

solution to be considered converged.

If the pressure drop calculated does meet the desired criteria, the solution has converged,

and the code is exited. If the pressure drop is not within the tolerance assigned, the feed

flow rate calculated in Equation 4.11 is replaced with a new value that is either increased or

decreased by a ratio of the assigned pressure drop and the calculated pressure drop:

Qrk,i(new) = Qrk,i(old)

∆P(assigned)

∆P(calculated)

(4.12)

4.2.3 Key Performance Metrics

In order to assess membrane module performance as a function of channel height variation,

we will use the following three standard performance metrics:

1) Stage cut

Stage cut, θs is defined as the ratio of permeate flow rate to feed flow rate:

θs =
Qp

Qtot

(4.13)

2) Recovery

Recovery, θr, is defined as the ratio of retentate flow rate to feed flow rate:

θr =
Qr

Qtot

(4.14)

Stage cut and recovery both define the purity of a stream. There is a trade-off between

stage cut or recovery and the component concentration. The summation of stage cut and

recovery should be equal to 1 thus, at high recovery and low stage cut values, there will be

low purity and vice-versa.

3) Dimensionless feed flowrate (F-curve)

The dimensionless feed flowrate, θf , is defined below:

θf =
Qtot

qCO2aPH

(4.15)

where qCO2 (GPU) is the CO2 membrane permeance, a (m2) is the membrane area, PH

(Pa) is the feed pressure of the system, and Qtot (mol · s−1) is the total feed flow rate. The
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dimensionless feed flow rate plotted against the retentate compositions is called the “f-curve.”

The f-curve is representative of capital costs of the system because it defines the required

membrane area to reach the desired CO2 composition in the retentate stream. For gas

separation, typically the feed flow rate, feed pressure and membrane permeance are known

parameters. Therefore, the area of the membrane will be the design variable that will change

to reach certain purities.

4.3 Model Results

4.3.1 Validation Results

To the best of our knowledge, our group is the first to incorporate flow channel height

variation into a flat sheet membrane model. Also, the most reputable carbon capture modeling

results out there are for hollow fiber membranes rather than for flat sheet membranes. Thus,

to validate our model, we recreated a published hollow fiber membrane model by C. Y. Pan

[185] that considers ideal conditions. Then, this model was updated to incorporate flat sheet

membrane geometry conditions while still matching their overall membrane area requirements

from Pan. Note, this model does not include the channel relationships presented in the

previous methodology section but still considers the same governmental momentum and mass

balance equations. This comparison is suitable for validation purposes because for a gas-gas

membrane system, the membrane configuration does not affect the overall performance at

ideal conditions if the membrane properties and operating conditions remain the same. The

results of the two ideal models are shown in Figure 35, and are in excellent agreement.
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Figure 35: An ideal membrane model that was recreated to verify that the flat sheet membrane

configuration will perform identical to hollow fiber membranes when considering the exact

conditions [185].

The model presented here was then compared against the verified, recreated flat sheet

membrane model at uniform conditions (i.e., 0% standard deviation) using the same conditions

from Pan’s paper. These results indicate that our model is trustworthy when no channel

variation is present, and future plots in this paper (Figures 37-39) verify that our model also

matches hollow fiber membrane model predictions when channel height variation is present.

The validation results are shown in Figure 36.
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Figure 36: The uniform channel height (0% standard deviation) model vs. the replicated

ideal flat sheet model that was validated against a hollow fiber membrane model by C.Y. Pan

[185].

4.3.2 Impact of Channel Height Variation on Module Performance

The purpose of this section is to investigate the impact of channel height variation

on various module performance metrics to quantify how much manufacturing variability

could hurt performance. The flat sheet membrane properties and simulation parameters

considered for this study are listed in Table 13. Many of these properties come from MTR’s

Gen 2 Polaris™flat sheet membrane module [103], which is a state-of-the-art carbon capture

membrane design that has already undergone pilot testing. Therefore, the results of this

study can inform carbon capture membrane companies of how much manufacturing variability

could affect their module performance. For simplification purposes, a binary gas mixture of

CO2/N2 is chosen.
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Membrane parameters Variables Values

Total surface area (m2) a 100

Channel height (µm) hch 250

Permeances (GPU) qi qN2 = 0.4, qCO2 = 20

Width (m) W 1

Length (m) L 1

Number of membranes m 100

Membrane thickness µm t 200

Simulation parameters Variables Ranges

Gas composition xN2 , xCO xN2 = 0.80, xCO = 0.20

Feed pressure (Pa) Ph 405,300

Permeate pressure (Pa) Pl 40,530

Temperature (K) T 298.15

Pressure drop (Pa) ∆P 1500 – 40,000

Standard deviation (%) σ 0, 10, 20, 30

Stages along the length of the membrane N 100

Table 13: Membrane properties and simulation parameters used for the cross-flow flat

sheet membrane model. Membrane geometric parameters simulate MTR’s Gen 2 flat sheet

membrane module [103, 104, 164].

The results presented here were generated by varying the pressure drop across the module

to generate curves that ranged from approximately 0.02-0.18 in CO2 mole fraction in the

retentate outlet. The solution for each prescribed pressure drop is represented by an asterisk

in the plots. Each figure includes four curves to represent a range of standard deviations in

channel height variation: 0%, 10%, 20% and 30%.

4.3.2.1 Impact of Channel Height Variation on Channel Flow Rates

The most obvious model output that should be affected by channel height variation

is retentate channel flow rate, since flow rate varies with height cubed (h3
ch), as shown in

Equation 4.3. We would expect, therefore, that increasing the variation in channel heights

would significantly increase the spread in channel flow rates. In order to investigate the impact

of channel height variation on retentate channel flow rate variation, we plotted the standard

deviation in channel flow rate as a function of the standard deviation in channel heights in

Figure 37. As anticipated, channel height variation had a strong impact on retentate channel

flow-rate variation. A 30% standard deviation in channel height resulted in a standard

deviation greater than 80% in retentate channel inlet flow rates. These results confirm that

channel flow rates vary significantly with variation in channel heights.
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Figure 37: Standard deviation in retentate channel flow rates as a function of standard

deviation in channel heights. Channel flow rate variation is a strong function of channel

height variation.

4.3.2.2 Impact of Channel Height Variation on Stage Cut

Stage cut, defined in Equation 4.13, is shown in Figure 38 as a function of CO2 mole

fraction in the retentate outlet for the four channel height distributions (0%, 10%, 20%, 30%).

For the stage cut design parameter, the lower the stage cut value, the better the performance

because that results in lower membrane power requirements. Stage cut is defined as the ratio

of the permeate flow rate and the total feel flowrate, or the fraction of the feed gas that

permeates the membrane. Therefore, at smaller stage cuts, less gas is lost due to permeation,

and energy losses due to gas depressurization are reduced. Typically, lower stage cut values

are associated with increasing flow rates (i.e., with increasing pressure drop initializations, as

shown in Figure 38).

The results in Figure 38 indicate a slight decrease in performance with increasing dis-

tribution of channel heights. For example, at a CO2 retentate composition of 0.06 (6% not

captured), stage cut for the high variation setting increases by approximately 10% relative

to the baseline results. This can be explained by the fact that gas flow rates are higher

in the larger channels, which leads to a higher flow rate to membrane area ratio and less

CO2 removal. Therefore, more gas must be permeated to reduce the combined retentate

composition to the same level relative to the uniform flow channel case.

At larger retentate compositions, the distribution of channel heights does not have as
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much of an effect. However, the lower range of CO2 retentate compositions is of greater

interest in an industrial setting since the goal of a carbon capture membrane is to remove as

much CO2 from the feed as possible. Therefore, the key takeaway from these results is that

manufacturing variability in channel heights can result in up to a 10% increase in stage cut

(based on the results around a CO2 mole fraction of 0.06).

Figure 38: The stage cut, θs, defined in Equation 4.13, is plotted against the assigned CO2

retentate composition for four variations in channel heights: 0%, 10%, 20%, and 30%. At

favorable (lower) CO2 retentate compositions, the stage cut increases with respect to the

standard deviation in channel height for a given CO2 retentate composition. This indicates

that stage cut performance declines with increasing spread in channel heights and will require

a larger membrane area to achieve the same CO2 retentate composition.

4.3.2.3 Impact of Channel Height Variation on Recovery

The total recovery, as defined in Equation 4.14, is plotted as a function of CO2 retentate

composition for the four channel height variations in Figure 39. Better performance is

associated with higher recovery for a given retentate composition. The recovery curve is

expected to increase with increasing pressure drop conditions regardless of the channel height

distribution constraints. The results in Figure 39 indicate that variation in channel heights

has a slight impact on the recovery curve, particularly at lower CO2 retentate compositions,

which are the most important range to consider on this plot. At a low retentate composition

of 0.06, recovery decreases by approximately 2% between the 0% and 30% channel height

variation results.

92



Figure 39: Recovery, θr, is plotted against the CO2 retentate composition for four standard

deviations in channel heights: 0%, 10%, 20% and 30%. Recovery decreases with increasing

channel height variation at low CO2 retentate compositions.

4.3.2.4 Impact of Channel Height Variation on F-curve

Finally, the dimensionless feed flow rate, defined in Equation 4.15, represents the capital

costs of the system as a dimensionless ratio between the feed flow rate and the membrane

area. Figure 40 plots the f-curve, which shows the dimensionless feed flow rate calculated

over a range of pressure drops against the associated CO2 retentate composition. This design

parameter is especially sensitive to the channel heights because it is highly dependent on the

total feed flow rate (Qtot) calculated as the final solution. Therefore, the f-curve trend differs

from the stage cut and recovery variables, where variation is shown regardless of low or high

CO2 retentate compositions.

The f-curve performance decreases given a specific retentate composition with increasing

channel height variation. At low CO2 retentate mole fractions, a larger area is required for

the same flow rate at a given product purity. For example, at a CO2 composition of 0.06,

the high variation (standard distribution of 30%) produces a smaller value for the f-curve in

comparison to the baseline case (0%, i.e., uniform). When comparing these two dimensionless

feed flow rate values, there is a decrease of ∼30%, which corresponds to an increase of 30%

in needed membrane area. Using these f-curve values, the area needed to reach such purities

can be calculated using Equation 4.15, where the feed flow rate, feed pressure and membrane

permeances remain constant. Thus, larger f-curve values are desired since the membrane
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area is inversely proportional to the dimensionless feed flow rate, as shown in Equation 4.15.

Using this design parameter, one can clearly see the increase in area due to a decrease in the

dimensionless feed flow rate needed to achieve the same purity condition at higher channel

height variations.

Figure 40: The dimensionless feed flow rate, θf , plotted against the CO2 retentate composition

for four standard deviations in channel heights: 0%, 10%, 20% and 30%. The dimensionless

feed flow rate values drop as channel height variation increases over the whole f-curves.

The results presented in this section have validated the methodology used and illustrated

that a variation in the channel heights for a flat sheet membrane does affect the overall

performance in terms of stage cut, recovery, and f-curve. For the example where 94% CO2

removal from the feed gas (0.06 CO2 retentate mole fraction) was considered, stage cut

decreased by 10%, recovery decreased by 2%, and the dimensionless feed flow rate decreases

by approximately 30% at high channel height variation.

The effects of channel height variation are more pronounced at smaller CO2 retentate

compositions, which is the desired purity for most industrial systems. These slight deviations

in performance could increase capital or operating costs by a reasonable amount (depending

on the system size and the CO2 capture rate desired), and should be factored into any techno-

economic assessments of flat sheet membrane systems. However, in a broader perspective,

channel height variation in a single module (not in a system level) has surprisingly little

impact on the stage cut and recovery design parameters, even for the medium (20% variation)

and high (30% variation) defect settings. However, this was not the case for the dimensionless

feed flow rate, where the membrane area increases substantially (by 30%) when channel
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height variation is high. This result indicates that membrane size and capital costs are a

strong function of manufacturing variability in channel heights.

4.3.3 Flat Sheet vs. Hollow Fiber Membrane Module Performance

The goal of this section is to compare our flat sheet model to a hollow fiber model in

order to determine which design is impacted more by geometric variation. For all of the

results in this section, we will compare our flat sheet model to a previously published hollow

fiber membrane (HFM) model that incorporates an inner fiber diameter variation [39]. The

hollow fiber membrane model has a variable inner fiber diameter, whereas and the flat sheet

membrane has a variable channel height (both with mean values of 250 µm). For this study,

two gas separation cases are considered: 1) CO2/N2 (carbon capture), and 2) O2/N2 (air

separation). For the first case (CO2/N2), we put the flat sheet membrane properties and

operating conditions (shown in Table 13) into the HFM model for comparison. For the

second case (O2/N2), the flat sheet membrane model parameters were modified to match the

conditions from the published HFM paper for air separation, which are listed again here in

Table 14 [39]. The results for these two case studies are presented and discussed below.

4.3.3.1 Case 1: CO2/N2 Separation

Figures 41-43 compare the effect of non-uniform channel height on CO2/N2 separation

performance for hollow fiber membranes (HFMs) vs. flat sheet membranes. As shown in

Figure 41, the stage cut curves are almost identical for the HFM and flat sheet designs for a

given standard deviation in flow channel dimension. This is also the case for the recovery

curves (Figure 42) and the f-curves (Figure 43). Together these results indicate that channel

size variation has the same impact on membrane performance regardless of design (hollow fiber

vs. flat sheet). As was seen in Figure 40, the f-curve decreased by over 30% for a flat sheet

membrane with 30% channel height variation. This is not the case for hollow fiber membranes

when comparing no variation to 30% variation in the inner fiber diameter. As shown in

Figure 43, there is only a 6.6% decrease in the f-curve at 0.19 CO2 retentate composition. In

all three figures, performance only drops slightly as channel variation increases (e.g. < 10%

decrease in performance when channel height variation goes from 0% to 30% at xCO2= 0.06).

These results indicate that manufacturing variability in channel heights will only result in

minimal carbon capture performance drops for both HFM and flat sheet membranes.
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Figure 41: Stage cut as a function of CO2retentate composition (xCO2) for CO2/N2 separation

for both hollow fiber membranes (*) and flat sheet membranes (–). Four standard deviations

in channel height are shown: 0%, 10%, 20% and 30%.

Figure 42: Recovery as a function of CO2retentate composition (xCO2) for CO2/N2 separation

for both hollow fiber membranes (*) and flat sheet membranes (–). Four standard deviations

in channel height are shown: 0%, 10%, 20% and 30%.
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Figure 43: The dimensionless feed flow rateas a function of CO2retentate composition (xCO2)

for CO2/N2 separation for both hollow fiber membranes (*) and flat sheet membranes (–).

Four standard deviations in channel height are shown: 0%, 10%, 20% and 30%.

4.3.3.2 Case 2: O2/N2 Separation

For the second case study, the flat sheet membrane model parameters were modified to

those previously published in a hollow fiber membrane modeling paper that performed a

similar investigation on the impact of fiber diameter variation [151]. These new parameters

are shown in Table 14. To obtain O2 retentate compositions of 0.02-0.18, the pressure drop

was varied from 900 – 3,900 Pa. The standard deviation percentages that were used for

this case were 0% (baseline), 5% (low), and 15% (medium) to match the variation from the

published work.
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Membrane parameters Variables Values

Total surface area (m2) A 94.24

Channel height (µm) hch 250

Permeances (GPU) qi qN2 = 1, qO2 = 10

Width (m) W 0.9424

Length (m) L 1

Number of membranes m 100

Membrane thickness µm t 200

Simulation parameters Variables Ranges

Gas composition xN2 , xCO xN2 = 0.79, xO = 0.21

Feed pressure (Pa) Ph 1,034,000

Permeate pressure (Pa) Pl 103,400

Temperature (K) T 298.15

Pressure drop (Pa) ∆P 900 – 39,000

Standard deviation (%) σ 0, 5, 15

Stages along the length of the membrane N 100

Table 14: The flat sheet membrane model parameters used to simulate O2/N2 separation

and compare against a previously published hollow fiber membrane modeling study [151].

Figures 44-46 compare the effect of non-uniform geometric conditions on O2/N2 separation

performance for HFMs vs. flat sheet membranes. The results in these three figures indicate

that HFM and flat sheet membranes have nearly identical performance for a given standard

variation in either inner fiber diameter or channel height. In all three figures, performance

decrease is negligibly small as channel height variation increases. These results indicate that

manufacturing variability in channel heights will only result in minimal oxygen separation

performance drops for both HFM and flat sheet membranes. This is partly due to the fact

that channel height variations are capped at 15% in these figures (vs. 30% in Figures 41-43).

Overall, the results of this case study indicate that manufacturing variability won’t cause

performance problems for HFMs or flat sheet membranes used for air separation.
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Figure 44: Stage cut as a function of O2retentate composition (xO2) for O2/N2 separation for

both hollow fiber membranes (*) and flat sheet membranes (–). Four standard deviations in

channel height are shown: 0%, 5%, 15%.

Figure 45: Recovery as a function of O2retentate composition (xO2) for O2/N2 separation for

both hollow fiber membranes (*) and flat sheet membranes (–). Four standard deviations in

channel height are shown: 0%, 5%, 15%.
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Figure 46: The dimensionless feed flow rate as a function of O2retentate composition (xO2)

for O2/N2 separation for both hollow fiber membranes (*) and flat sheet membranes (–).

Four standard deviations in channel height are shown: 0%, 5%, 15%.

4.4 Conclusions

A 1D, non-uniform flat sheet membrane model was developed to investigate the impact of

channel height variation on gas separation performance (stage cut, recovery, and dimensionless

feed flow rate). Gaussian distributions of heights with standard deviations of 0-30% were fed

into the model to generate and compare performance curves. Results indicate that there is

a slight decrease in CO2/N2 separation performance when aiming for small CO2 retentate

compositions with increasing channel height variability. This is especially prevalent in the

dimensionless feed flow rate parameter, where there was a 30% increase in membrane area to

achieve 94% CO2 separation when considering a 30% channel height variation. Companies

should therefore tighten their manufacturing process to limit any deviation in channel heights

to improve overall CO2 separation performance.

Additionally, the flat sheet membrane model was compared against a hollow fiber mem-

brane model that also incorporates non-uniform fiber diameters. This comparison was done

to compare how the two membrane designs are impacted by size variation. The results

indicate that flat sheet membranes and hollow fiber membranes perform almost identically

for both CO2/N2 and O2/N2 separation over a range of geometric standard deviations. Both
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designs perform well for both separation applications, even at high channel variations. These

results indicate that manufacturing variability in channel height shouldn’t cause much of a

performance hit for either membrane design with the exception of dimensionless feed flow

rate at 30% channel height variation for CO2/N2.

In the future, more studies should focus on flat sheet membranes for gas separation

and investigate the impact of other non-ideal conditions. Future studies can investigate

flow distribution within membrane modules that do not assume uniform channel heights.

Additionally, increasing dimensionality of the model (e.g. 2D axisymmetric, 3D) could predict

more detailed performance. To expand on this work, a techno-economic analysis could

be performed using the CO2 recovery rates to study how the non-uniform channel height

distribution affects capital and operating costs at a systems level.
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5.0 Conclusions

With increased efforts to further carbon capture technology and minimize the rise of the

global temperature, this thesis has demonstrated the use of membranes for gas separations as a

promising approach to rectify the current climate crisis. A literature review of current state-of-

the-art membrane modeling techniques was organized to help future post-combustion carbon

capture research progress more efficiently. The review paved the way for the projects presented

here as it helped determine which modeling techniques were optimal for direct ocean carbon

capture. Experimental and computational work determined that direct ocean carbon capture

is feasible using a hollow fiber membrane contactor. Since this field is relatively new, the

membrane material and seawater composition will need to improve to increase the CO2 flux,

i.e., the driving force, to make hollow fiber membrane contactors competitive against other

ocean carbon capture initiatives. Additionally, flat sheet membranes for flue gas compositions

were also investigated to determine the effects of non-uniform geometric conditions, such

as channel height variation within each membrane sheet. This study concluded that larger

variations in the channel heights lead to a decrease in overall performance between 2 - 30%,

and that flat sheet and hollow fiber membranes perform identically when the same variations

are imposed. The work presented in this thesis advances the current state of membrane

technology across different carbon capture applications and brings attention to the advantages

they pose. The results illustrate the progress and constraints of current membrane modeling

techniques, using membrane contactors in a novel approach, and how membrane performance

can be optimized if they are geometrically periodic.
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